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Received

September 30, 2008 ~ JM 08 7008

YEC
Chad Schlichtemedet Casper DEQ
Wyoming Department of Environmental Quality
Air Quality Division / NSR Program Manager
Herschier Building
122 West 25" Street
Cheyenne, WY 82002

Subject;: Medicine Bow Fuel & Power LLC
Proposed Integrated Gasification and Liquefaction Plant
(PSD Air Quality Permit Application AP-5873)
Response to Public Comment/WDEQ Information Request

Dear Mr. Schlichtemeier:

This letter is provided in response to a letter from Mr, Andrew Keyfauver, dated August 15, 2008,
requesting clarification and response to specific items brought up during the public comment
period for the Medicine Bow Fuel & Power, LLC (MBFP) proposed coal-to-liquids plant. Our
responses to these questions are directly below each of the five items in that August 15, 2008
letter. The five specific questions from the WDEQ are shown in italics.

. Responses to WDEQ Questions

1. Public comments suggest that the applicability of Section H2(j) and 112(g) need to be
addressed for the boilers and process heaters as this facility is shown to be a major source of
hazardous air pollutants. Therefove, the Division requests that Medicine Bov Fuel & Power,
LLC address Section 112 applicability for the facility.

Response: HAP emissions in the Medicine Bow Fuel & Power LLC (MBFP) Air Permit
application (as revised May 12, 2008) were based on early engineering information.
Subsequent to MBFP’s submission of the Air Permit application, MBFP received the Process
Design Package (PDP) in August 2008 from Davy Process Technology for their syngas-to-
methanol technology which resulted in MBFP reviewing the original HAP calculations. This
review found that traditional sample lines in methanol service were the most significant source
of methanol emissions within the equipment leak category. Equipment leaks from traditional
sample lines result from purging the lines to atmosphere prior to collecting a sample as part of
the sampling protocol. The August 2008 Davy PDP includes 6 closed-loop sampling lines
which initial engineering had shown to be traditional sample lines, So we have eliminated 6
traditional methanol sample lines from our prior HAP emission calculations based on the most
recent engineering information. The 6 closed-loop sample lines can be eliminated since they
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provide 100% emission control because the sample piping is returned to the process piping at
some downstream point without any purging to the atmosphere.

As a result, caleulated equipment leak emissions (see attached revised emission calculations
for methanol) are reduced to 9.1 tpy methanol which is below the 10 tpy threshold established
in Section 112 of the Act for major source determination. Therefore, due to this new
engineering information Sections 112(j) and 112(g) of the Act will not be triggered for the
proposed facility. '

Revised equipment leak and total facility emission calculation pages are provided with this
Letter.

2. 4 public comment suggested that leak detection and repair (LDAR) levels need to be lowered,
based on levels set for petroleum refineries in California. The Division requests that Medicine
Bow Fuel & Power, LLC address the feasibility of lowering LDAR levels for the plant.

Response: Althongh MBFP is not subject to the NSPS for petroleum refineries, the leak
definitions in the MBFP Air Permit Application are equivalent to those in the recently
promulgated New Soutce Performance Standard (NSPS) for petroleum refineries (thus Best
Available Control Technology (BACT) for refinery leaks) and the Synthetic Organic Chemical
Manufacturing Industry (SOCMI) at 40 CFR 60, Subpart VVa and GGGa, respectively, with a
500 ppm leak definition for valves/connectors and 2,000 ppm leak definition for pumps, We
agree with the Wyoming DEQ that MBFP leak definitions are BACT for MBFP.

The EPA considered the more stringent California-leak standards (fower than 500 ppin for
valves) when promulgating the November 2007 New Source Performance Standards (BACT)
for chemical plants and refineries (40 CFR 60, Subparts VVa and GGGa.), but noted that “data
gathered from facilities making a first attempt at repair on valves with leaks above 100 or 200
ppm suggests that these attempts do not always reduce emissions.” (Summary of Public
Comments and Responses, Docket ID NO., EPA-HQ-OAR-2006-0699-0094) EPA assessed a
cost effectiveness of $5,700/ton for the SOCMI and $16,000/ton for refineries if leak
definitions were lowered to less than 500 ppm for valves, and thus concluded that a leak
standard below 500 ppm for valves was not cost effective (72FR64864, November 16, 2007).
EPA also dismissed lower leak standards for pumps (less than 2,000 ppm) by stating they had
no evidence that lowering putnp leak standards would achieve significant emission reductions
at a reasonable cost and noting uncertainties regarding pump repair effectiveness at low leak
concentrations (72FR64864). The EPA impact analysis is available in the docket for the
regulation, at Docket ID No, EPA-HQ-OAR-2006-0699, '

MBFP agrees with EPA’s decision to dismiss leak standards that would be lower than we have
proposed in our application,
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3. A public comment suggested that the Medicine Bow IGL Plant is subject to the refinery NSPS
and NESHAP regulations based on an applicability determination by EPA in 1980, The
Division requests that Medicine Bow Fuel & Power, LLC address the applicability of the
refinery NSPS/NESHAP standards for the Medicine Bow IGL Plant.

Response: The public comment making this suggestion refers to two separate documents:

o A 1980 EPA letter titled "Applicability Determination for Solvent Refilled Coal Plants"
obtained from the EPA’s Applicability Determination Index (ADI);

o Chapter 3 of a 1981 comparative technical and economic assessment of selected synfuel
technologies, titled “Selected Technical and Economic Compatisons of Synfirel Options,
Final Report,” written for the United States’ Office of Technology Assessment as a
background document to assist in preparation of a larger study report titled “Increased
Automobile Fuel Efficiency and Synthetic Fuels: Alternatives for Reducing Oil Impotts,”
The Chapter 3 title is ‘Overview of Selected Synthetic Fuel Conversion Processes.” A copy
of the full chapter is provided with this letter, for your reference, ’

As stated in the public comment, the attached 1980 ADI letter notes that NSPS Subpart J
requirements for petroleum refineties applies to affected facilities at solvent refined coal
(SRC) plants. The letter also notes that “dsterminatiofis of applicability of solvent refined coal
plants to the NSPS for petroleum refineries should be handled on a case-by-case basis, thus, it
may not be applicable to all SRC plants.”

The public comment on the MBEP permit goes on to state the “SRC II” process, which is one
of the two types of SRC technologies, is similar to the MBFP methanol-to-gasoline (MTG)
process, with “no distinction that would render the 1980 determination from EPA invalid,”
For the reasons discussed below, MBFP disagrees with this comment, based on a review of the
SRC 10 and the MTG process technologies, petroleum refineries, the EPA’s 1980
determination, and the definition of ‘petroleum refinery.’

MBFP disagrees with the public comment based on the following from Chapter 4 (attached)
from that same 1981 report (i.e. Selected Technical and Economic Comparisons of Synfuel
Options, Final Report) where it states on page 4.-28:

“4,6 REFINING SYNTHETIC LIQUIDS

The direct liquefaction and oil shale syfuels have to be further upgraded to end-use product
quality in order to be comparable with indirect liquid products such as methanol from coal or
gasoline from methanol (from coal). In a wider sense, this is also desivable in order to achieve

comparability with synthetic natural gas (SNG) which can be used for a wide range of end use
applications in its ‘raw’ manufactured state.
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The indirect processes produce refinery output (or intermediate) grade prbducts, without
the need for the “refining” of crude liquids.”

The attached Chapter 4 also includes on pages 4-38 through 4-40 EXHIBITS 4-21, 4-22 and 4-23
which are flow diagrams for the “refining” of the SRC-1I produced oil,

As discussed in that 1981 report, the SRC II process is a direct catalytic liquefaction process to
convert coal to a crude oil-like liquid. 1t involves mixing hydrogen with a coal-slurty, teacting
the mixture with steam and oxygen, and allowing reactions to take place in a dissolver vessel
operating at high pressure and temperature (2,000 psi, 820-870° F). The coal is dissolved with
the resulting solution resembling a crude oil which is then fractionated (sent through
distillation columns like those used in a refinery) to recover primaty products such as naphtha,
fuel oil and a vacuum residue. The naphtha and fuel oil products can be further treated in
downstream units. All fuel gases in these downstream units, such as catalytic crackers and
naphtha reformers, will emit sour gases that will require processing to remove the sulfur,

This is the same for refineties which route fuel gases to a gas processing unit to reduce sulfur
content. .

In contrast, the proposed MBEP facility will employ an indirect liquefaction process to
produce methanol and then gasoline from methanol (not the erude oil Iike product of SRC 1I).
The MBFP syngas is sent to an Acid Gas Recovery Unit where 99.8% of the sulfur is
removed. Any residual sulfur in the syngas is removed in the sulfur beds, reducing the sulfur
levels to the part per billion concentration necessary to protect the MBFP methanol catalyst,
This is the same as in chemical processes, where sulfur has to be removed 1o prevent catalyst
poisoning in downstream units. '

The cleaned syngas produced at the proposed MBFP facility will be directed through methanol
converter reactors, where the syngas will pass over a highly selective copper-based catalyst on
the reactor’s shell-side. Any residual suffur in the cleaned syngas is mostly captured as a
poisaon on the methanol catalyst, so the methanol and methanol offgases will have a sulfur
content of less than 10 ppb. Carbon dioxide (CO,) and carbon monoxide (CO) in the syngas
will combine with hydrogen (H;) to create methano! (CH;0H). Tubes in the reactor will carry
steatn, which will provide temperature control for the reaction, The methanol will then be
directed to the gasoline synthesis (MTG) unit, where it undergoes multiple complex reactions
in reactor vessels to convert the methanol to olefins, paraffins, and aromatics, without
molecular hydrogen production (without producing the SRC II crude like product that must
then be distilted into liquid hydrocarbon products as happens in a refinery). The reactor
effluent will be separated into a gas/vapor phase to be recycled to the reactor inlet, a liquid
water phase containing a small percentage of alcohols, ketones, and acids that will be treated,
and a liquid hydrocarbon phase refeired to as “raw gasoline.” Since the methanol is
extremely low in sulfur, the gasoline produced from methanol and all associated gas streams
will also be extremely low sulfur, The gas streams will not require processing as in a refinery.
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The raw gasoline stream will be directed to a stabilizer to remove LPG product. The liquid
product from the stabilizer will be directed to a gasoline splitter (distillation column) so that
heavy gasoline containing durens can be separated from the light gasoline and treated for
durene removal in a hydrotreating process. Once durene is removed, the heavy gasoline will
be re-combined with the light gasoline and directed to gasoline storage tauks. This entire
process as well as the emissions profile of MBFP is much different than the SRC II process
and cannot be considered as a similar process except to note that solid coal is the feed to both
processes.

Thus, the SRC 11 process has similarities to a typical petroleum refinery due to the fact that it
produces a crude oil with significant sulfur content which can then be sent through the crude
distillation, cracking, and reforming processes found in most petroleum refineries (but not
MBFP), These similarities between the SRC Il process and a petrolenm refinery can be seen
in a comparison of their respective process flow diagrams, A basic process flow diagram
for the SRC II process is included with this submittal (see attached Chapter 3 page 3-12 Figure
3.4 and Chapter 4 pages 4-38 through 4-40 for Exhibits 4.-21, 4-22 and 4-23) which can then
be compared to a typical petroleum refinery flow diagram such as the one provided as Figure
1.1 in Gary and Handwerk's text "Petroleum Refining - Technology and Economics, 4th Ed."
Or altetnatively available on Wikipedia if you type in the word “refinery”. The first
processing step for the liquid hydrocarbon in both the SRC II flow diagram and a general
petroleum refining flow diagram is crude oil distillation. In the SRC II process, this crude oil
distillation takes place in the dissolver, and also in a fractionation vessel and a ‘letdown/flash”
system, whereas in a typical petroleum refinery, the distillation takes place in a stabilizer,
atmospheric distillation tower, and a vacyum distillation tower, We have drawn a box around
the letdown/flash system and fractionation system on the SRC II diagram to illustrate the

- distillation portion of the process. Note that products from the letdown/flash and fractionation
systems in the SRC II process are similar to the products from the crude distillation unit in a
petroleum refinery. Although not clearly shown on the diagram, the SRC II products will
likely require additional treating in order to erack and reform hydrocarbons into gasoline and
fuel oil products and to remove sulfur and aromatic compounds prior to sale, just as with a
typical petroleum refinery. The proposed MBFP facility will not utilize the same distillation,
cracking, and reforming processes found in petroleum refineries or the SRC Il process. Also
MBFP fuel gases will have sulfur in the single digit part per billion range, two orders of
magnitude less than the refinery specification for fuel gases, and do not require further
processing as in a refinery. '

Furthermore, MBFP does not consider the proposed facility to fall under the regulatory
definition of a petroleum refinery. A ‘petroleum refinery’ is defined at 40 CFR 60.101(e) as
“any facility engaged in producing gasoline, kerosene, distillate fuel oils, residual fuel oils,
lubricants, asphalt (bitumen) or other products through distillation of petroleum or through
redistillation, cracking, or reforming of unfinished petroleum derivatives,” The term
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“cracking” is used in the context of petroleum refineries to mean the breaking down of higher -
molecular weight hydrocarbons to lighter components. (Gary and Handwerk, 2001, Appendix
A). Cracking can be accomplished through application of heat or catalytic means, and it can
be simplistically visualized as ‘breaking’ long-chain hydrocarbons into smaller-chain
hydrocarbons. The term “reforming” is used to describe a process where hydrocarbon
molecular structures are re-arranged to form higher-octane aromatics with only a minor
amount of cracking. (Gary and Handwerk, 2001, pg. 189) Typically, cyclization and
isomerization reactions ocour catalytically in a reformer, Neither ‘cracking’ nor ‘reforming’ is
clarified in the regulations, and thus is taken to have these meanings. Although the proposed
facility will produce gasoline, it will not be produced through distillation, redistillation,
cracking, or reforming processes. Rather; as described earlier, syngas is converted into
methanol, which is then processed via dehydration, oligomerization (polymeration), and
cyclization into a gasoline product. The gasoline product will require some treatment to
remove the ‘light-end’ smaller hydrocarbons (LPG), and to remove durene from the heavier
constituents prior to storage, but otherwise will be a finished product.

Therefore, MBFP disagrees with the commenters. who assert that affected facilities at the
proposed facility are subject to petroleumn refinery NSPS regulations, on the basis that the
proposed facility will not meet the definition of ‘petroleum refinery.’

4. The Division requests that Medicine Bow Fuel & Power, LLC provide clarification on whether
power generated at the facility will be exported to the electrical grid. The application stales
that it is not expected to be exported (page 1-1). If power is to be exported to the electrical
grid Medicine Bow Fuel & Power, LLC will need to address the applicability of standards for
electric generating units (EGUs).

Response: MBFP confirms the statement made on page 1-1 of the application that no power
generated at the facility will be exported to the electrical grid.

5. 4 public comments suggested BACT needed to be applied io the sour water stripper at the
Sacility during startup. The Division requests that Medicine Bow Fuel & Power, LLC clarify
operation of the sour water stripper during startup and normal operations. If this source is
vented during startup or normal operations an evaluation of control measures and/or work
practices must be conducted 1o wminimize emissions from this source during operations.

Response: MBFP has confirmed through review of the Project Feasibility study that no
emissions will be vented to atmosphere from the sour water stripper. During both normal
operations and above 20% design flow during startup operations, the sour gas from the sour
water stripper will be directed to the SRU and consumed in the SRU furnace. Effluent from
the SRU is compressed and recycled to the Selexo! system, so no emissions result from the
sour gas stream in these situations.
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The Startup/Shutdown Emissions Minimization Plan erroneously states on page 2 that the sour
water stripper will be vented during startup, As noted above the vent will be directed to flare
or other combustion device for ammonia destruction during low flow conditions during
startup. A correcied Startup/Shutdown Emission Minimization Plan is attached.

Conclusion:

A CD containing an electronic version of this Jetter and all enclosures will be sent to you under
separate cover.

MBFP appreciates this opportunity to provide additional comment/clarifications to the WDEQ on
issues raised during the public comment pericd. We hope this information is useful for you, and
encourage you to contact us if you have any more questions or if you need clatification on any of
the points raised in this letter,

ce: Andrew Keyfanver (WDEQ)
Robert Moss (DKRW)
Susan Bassett (URS)

Enclosures Revised Emission Calculation Pages for Methanol Equipment Leaks

Copy of 1980 ADI Letter (US EPA to J.Snydor)

Cover Page of ‘Selected Technical and Economic Comparisons of Synfuel
Options, Final Report, April 1981 prepared for the Office of Technology
Assessment (OTA) of the United States Congress.

Chapter 3 of ‘Selected Technical and Economic Comparisons of Synfuel
Options, Final Report, April 1981

Chapter 4 of ‘Selected Technical and Econdmic Comparisons of Synfuel
Options, Final Report, April 1981

Revised Startup/Shutdown Emission Minimization Plan

Making Material Change

DEQ 002924




Medicine Bow Fuel & Power Industrial Gasification & Liquefaction Plant
Emission Summary Sheet

Normal Operations {8760 hrfyr}

ntion Potential Emissions (1py) HAPs Emissions {lpy)
£ “(gxﬂ“ ¥ o
o ° \d,\pﬂ"é‘t o uﬁ‘aﬁ““
oo, Usage ey NO, €O wvoc §O; PMwm 'x”f 9 o ;}"N o *“‘@ ‘w"‘d "‘"’d ‘\ﬁ# pﬁ‘ ?‘d"wz «‘,.,w 4 ToTALS
CT: Turbine and HRSG Train1__ General Elecic, 66 MW BI60 06 462 66 08 438 | 1370 1ZED1 20002 3.s|E-uz T ozE-m 225601 ATIE03 GOBED3 DZIEUZ 413601 203601  1.DEF0
cT2 Tiubine and HRSG Train2  Gereral Electdc, 65 MW 8760 506 462 66 108 438 |17EM 127ED1 200802 IME@ 1.02E01 225E01 u:e.os 413603 GOBEL3 S2E02 4.13E01 2030 123600
cr3 Turbine and HRSG Train3  General Elselric, 66 MW B760 506 462 66 108 438 |137E03 17ED1 203E02 IBEQ2 102601 225601 433E05 413503 GSEED3 Q2IE0Z 413E0! 2030  12IEWD
B Aspillary Boter Healer, 56 MMBtutr * 8760 ¥z BB 18 0z 22 SUE-04 JAED4 Z13E02 510501 VTIE0L ABIE04 533801
84 Calelyst Regenerstor Heater  Healer, 21.53 MMBIube ' 8760 46 78 (1] [ 07 194804 141604 630503 1.66E.01 564605 I14E-08 1.74E01
B8z Reaciivation Heater Heater, 12 MMBuN ' 8760 27 as 03 00 04 112E04 6.42E05 4DIE3 962E02 326E05 1.82E-04 101E.01
83 HGT Reactor Charge Heater  Healer, 2 MMBriv 8760 3] o8 0.1 0.0 01 200E-05 1.14E-05 TASED4 V2B 5.826-06 324805 179E-02
Tanks Storage Tanks Praduet Storge 8760 1026 527E01 a7sE02 485601 239E400 S67EDI VEDEO!  AATEMDO
EL Equpmtd Leaks Fugitives B750 85 T90E400 234E01 E.76E+00 149E401
cs Coal St ing  C: (pnml) & Fugitives B780 611 0.00E+00
FW-Pump Fitewaler Punp’ i s0o 15 a1 o3 0o 00 {A77ECS 73904 BMEDS B99E0¢ 114603 847E0S Z49E03 AG4ED4 27SEMM  634E0D
FL1 HP[Emergency Flare’  Flare, 0816 Mmamnw 8750 13 10 30 00 0.00E+00
FL2 LP Flare? Flare, 0.204 MMBturhe 8760 0.4 0z a7 00
Total 1758 1768 1874 32.7 1858 0.00 038 0.08 0.00 3.54 0.23 G.00 0,34 .71 1.29 0.00 8,15 DAt 0.02 0.28 131 (%74 23,59
Noles:
*Emissions from stodliary bailer and heat y. firing natural gas: haweves, the equipment may nat shways fire at full 1oad, and in many cases, will be fiing & lower-BTU fuel gas mixture instead of
750, emissians fiom the Firewater Pump are are based on buring tilra-Jow sl dieset {15 pprm).
2 Flare emissions include pilot emissions for 8760 helyr.
Malfunctions and Other Events
Operation ‘Potertial Emissions {tans) HAPs Emissions (tpy)
X3 R )
o S M R o
. 1
10 Ne. Deseription Usage thours) No, co woc SO; PMg i e « o @ qotas
co2vs CO2 Vent Stack CO2 Vent Slack 50 agr 023 1] 2.25E.01
FL HP / Emergency Flare Flare, 0.516 MMBYI 40 753 B89 0I2 15016 0.00E+00
FL2 LP Flare Flare, 0.204 MMBRYh a 115602 22504 679E04 1440
GP-1 ification Preh Healer, 21,00 MMBIUTe 500 025 043 003 3.09E03 004 1.08E.05 51BE-06 IBE04_926E.03 175605 9.69E-03
Noles:

T The hours shown are svnal estimates, except fof the Gasificetion Prehester whichis based on 500 hous per preheating event for ene gasifier.
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Medicine Bow Fuel & Power Industrial Gasification & Liquefaction Plant
Equipment Leaks Emission Summary

Uncontreolled Emsisions

Controlled Emissions
SOCMI Factors SOCMI Factors
vOC HAP vVOC HAP
Emissions | Emissions | Emissions | Emissions

Process Stream Service Type (tonlyr) (ton/yr) (tonlyr) (tonlyr)

Acid Gas Gas 0.09 0.09 0.12 0.12
Flare KO Drum Drainage Gas 4.50 1.45 8.70 2.16
Gasifier Vent Gas 0.14 0.14 0.22 0.22
Gasoline (Gas) Gas 9.30 3.00 12.38 3.99
Gasoline {Light Liguid) Light Liguid 10.42 3.36 36.22| 11.67
Gasoline (Heavy Liquid) Heavy Liquid 0.17 0.05 0.26 0.09
LPG Light Liguid 0.77 0.00 2.21 0.00
Methanol Gas Gas 0.89 0.99 1.28 1.28
Methanol Pure Liguid Light Liguid 0.47 0.47 1.44 1.44
Methanol Product (MeOH 1)  {Light Liguid 4.83 4.82 13.78 13.75
Methanol Product (MeOH 2)  |Light Ligquid 0.06 0.06 0.54 0.54
Methanol Product (MeOH 3)  |Light Liguid 0.06 0.08 0.54 0.54
Methanol Product (MeOH 5)  |Gas 0.35 0.35 0.50 0.50
Mixed Fuel Gas Gas 0.40 0.01 1.77 0.06
MTG Fuel Gas Gas 3.88 0.04 5.44 0.06
Propylene Gas 22,11 0.00 24.36 0.00
Total 58.51 14.89 107.74 36.41

Controlled Emissions Uncontrolled Emsisions

SOCMI Factors

SOCMI Factors

HAP HAP HAP HAP
Emissions | Emissions | Emissions | Emissions
Individual HAPs (Ib/hr) {tonlyr) (Ib/hr) (tonlyr)
Carbonyl Sulfide (COS) 0.05 0.23 0.08 0.35
Methanol (MeOH) 1.54 6.76 4.13 18.11
C6 - C10 Aromatics (Assumed to be Benzene) 1.80 7.90 4.10 17.96
Total 3.40 14.89 8.31 36.41

Rev. 9/26/08
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Mediclne Bow Fuel & Power Industrial Gaslficatlon & Liquefaction Plant

Methano| Product {MeOH 1) Process Stream

Stream Name:
Sarvice Type:
Hours of Operailon:

Methanol Product (MeOR 1)

Light Liquid
8760

This piping Is included In the LOAR program.

Molecular
CAS Weight Weight % Mole Mole
Chemical Name Number Voc HAP {b/Ib-mol) Fraction Percent
CO 630-08-0 28,01 0.02% LA4E-06 0.02%
H2 1333-74-0 2.02 0.00% L1SE-06 0.01% |
coz 124-38.9 44,01 0.30% .92E-08 0.22% |
H20 7732-18-5 .02 3.16% .75E-03 49%
CH4 74-82-8 6.04 0.03% .59E.05 .05%
Ar 7440-37- 38,85 0.06% B1E-05 .05%
N2 7727-37-! 28.01 0.03% J4E-05 .04%
H28 7783-06- 34.08 0.00% .00E+00 .00%
cos 463-58-1 Y Y 6007 0.00% .00E+00 ,00Y
NH3 7664-43- 17.03 0.0 .00E+00 .00% |
02 7782-44- 32.00 0.0 .00E+00 .00
S02 446-08- 64.08 0.00% L. DOE+ .00%
CI2 782-50- Y 70.81 0,00 L.O0E+ .00%
HCT 547-01-0 Y 36,46 0.00% .D0E+ 00% |
MeOH §7-56-1 Y Y 32.04 86.19% .00E-02 94.01%
Ethanol 84-17-5 Y 46.07 0.05% [04E-05 .03%
Dimathyl Ethar 115-10-6 Y 48.07 0 B1E-08 02% |
Methyl Acetate 79-20f Y 4,08 0. .10E-D§ .03%
Propanol 71-23- Y 60.1 9.0: 4.00E.08 0.01
Bulanof 71-36-; Y 741 0.02% B0E-06 0.01
Acetone 54 Y 58.0 0.01 31E-07 0.00
MEX -93- Y 721 i 0.00% 3307 0.00%
Ethane 4-84-0 N 30,0 .00% L.00E+00 0.00%
Eihyiene 4-85-1 Y 28,05 .00% .00E+00 0.00%
Propane 4-98-8 Y 44.10 .00% .00E+00 .00%
Propylene 115-07-4 Y 420 0.00% .00E+00 .00%
Isobutane 75-28-5 Y 58, 0.00% .00E+00 .00% |
N-Butane 106-97-8 Y 88, 0.00% .00E+00 00% |
Butylene 25167-67-3 Y 86. 0.00% .00E+00 .00%
Isopentans 78-78-4 Y 72 0.00% L,00E+00 .00%
C4 - C12 Parafins A Y 4,283 0.00% .00E+00 .00% (Assumed Octane
Cd-C12 Olsfins A Y 2.2 0.00% .0DE+00 .00% Assumed Oclene
C6 - C10 Naphthenas A Y 221 0.00% L.00E+00 0.00% Assumed Cyclooctane
C& - C10 Aromatics A Y Y 78.11 0.00% .00E+00 0.00% Assumed
TOTALS 100.00% 3.19E-02 100.00%
Weight % TOC 96.42%
Weight % voc 96.40%
Weight % HAP 98.49%
Uncontrolled
Fugitive Emissions - SOCMI Factors Controlled Emissi Emlssions
[Equipment SOCMI TOC VoG Hours of VocC Vot
Type Emisslon Factor! % Gontrol Source i of Issi
{kg/hr-source) With LDAR *? Count Rate (kg/hr) Rate (kg/hr) {try) {tpy}
Valves-Gas 0.00587 92.00% 0 0.0000 0.0000 8760 0,00E+00 0.00E+00
Valves-Lighl Liqulds 0.00403 868.00% 124 0.0625 0.0625 8760 6.03E-01 5,03E+00
Valves-Heavy Liquids 0.00023 0 0,0000 10,0000 8780 0,00E+00 0,00E+00
Pump Seals-Lighl Liquids 0.01850 73.20% 22 0.1102 0.1101 8780 1.06E+00 4,07E+00
Pump Seals-Heavy Liquids 0,00882 0 0.0000 0.0000 8780 0.00E+00 0.00E+00
[Compresssor Seals-Gas 0.22800 0 0,0000 0.0000 8780 0,00E+00 0.00E+00
Relief Valves-GasVapor 0.10400 ] 0.0000 0.0000 8780 0.00E+00 0.00E+00
(Connaclars 0,00183 93.00% 96 0.0118 0.011¢ 8760 1.14E-01 1.83E+00
(Open-ended Lines 0,00170 16 0.0262 0.0282 8760 2,53E-01 2.53E-01
Cannectlons 0.01500 20 0.2893 0.2892 8760 2.79E+00 2.79E+00
Totals - 0.50 0.50 4.83 13.78
! EPA-453/R-85-017 Protacol for Leak i {Table 2-1).
? EPA-453/R-95-017 Prolocol for Leak {Table 5-2). Assumes monthly monitoring with leak definition of 10,000 ppmv.

? Assumes monthly monioring with iaék definition of 2,000 ppmv for pul

mps In light liquid service, See Pump LDAR Conlrol Effectiveness Caleulalion page.

HAP Emlssions - SOCMI Factors Controlled Emissions Uncontrolled Emissions
HAP
Individual HAP Hours of i HAP Emissi HAP E Issi

HAP Welght % VOC Weight % Operatlon {tb/hr) toniyr) {Ibfhr) {tonlyr)
[¢e1} 0.00% 96.40% 8760 0.00E+00 0.00E+00 0,00E+00 0.00E+00
Cl2 0.00% 96.40% 8760 0,00E+00 0,00E+00 0.00E+00 0,00E+00
HCl 0.00% 96,40% 8760 0.00E+00 0.00E+00 0.00E+00 0.00E+00
MeOH 96.19% 96.40% 8760 1,10E+00 4.82E+00 3.14E+00 1.37E+01
C8 - C10 Aromatics 0.00% 96.40% 8760 0.00E+00 0.00E+00 0.00E+00 0.00E+00
Total 1.10 4.82 3.14 13.75

Rev. 9/26/08
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DOCUMENT TEXT OBTAINED FROM EPA'S APPLICABILITY DETERMINATION INDEX

Control Number: J020

Category: NSPS

Region: DSSE

Date: 05/03/1982

Title: Oil Shale Facilities
Recipient: Dattilo, A. A.
Author: Reich, Edward E.
Comments:

Subparts: Part 60 D Foss. Fuel Fired Steam Gen. (post 8/17/71), Part 60 J Petroleum
Refineries

References: 60.100, 60.101, 60.101(g), 60.40
Abstract:
Are the facilities used for the processing of oil shale subject to the requirements of

Subpart J?

The oil shale facility is a petroleum refinery. The process heaters and steam boiler are
subject to the Subpart J since the gas being burned is fuel gas. .
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DOCUMENT TEXT OBTAINED FROM EPA’S APPLICABILITY DETERMINATION INDEX

Letter:
Control Number: J020

May 03, 1982

Mr. A. A. Dattilo

Davy McKee Corporation
6200 Oak Tree Blvd.
Cleveland, Ohio 44131

Dear Mzr. Dattilo:

This letter is in response to your request dated March 29, 1982 for a determination of
applicability. Specifically, you have asked whether the facilities used for the processing
of oil shale are subject to the requirements of the New Source Performance Standards for
steam generators (Subpart D) or for petroleum refineries (Subpart J). "'We have
determined that the oil shale facility is a petroleum refinery as defined in 40 CFR 60.101
and the process units are subject to the requirements of Subpart J.

In determining the applicability of Subpart J, it is necessary to examine the definitions of
petroleum refinery, petroleum, fuel gas, and fuel gas combustion device in 60.101. As
stated in 60.101, "petroleum refinery" means any facility engaged in producing gasoline,
kerosene, distillate fue! oils, residual fuel oils, lubricants or other products through
distillation of petroleum.... The definition of refinery accurately describes the processing
being performed at the oil shale facility. Furthermore, the definition of "petroleum” is
defined as "crude oil removed from the earth and the oils derived from tar sands, shale,
and coal." The oil shale facility, therefore, is within the scope of these definitions.

Since it has been determined that the oil shale facility is a petroleum refinery as that term
is defined in Subpart J, it is necessary to determine whether your described process units
are designated affected facilities. Listed among the affected facilities are fuel gas
combustion devices; these devices are defined in 60.101(g) as "any equipment, such as
process heaters, boilers, and flares used to combust fiie] gas...." We have determined that
the process heaters and steam boiler which you have described are subject to the
requirements in Subpart J. This determination is based upon your description of the gases
being burned in the combustion devices meeting the definition of "fuel gas. Again
looking at 60.101, "fuel gas" means any gas which is generated at a petroleum refinery
and which is combusted. Fuel has also includes natural gas when the natural gas is
combined and combusted in any proportion with a gas generated at a refinery.

After examining your information on the oil shale facility and its process units along with

the definitions in 60.101, we have concluded the process units are subject to the
requirements in Subpart J.
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DOCUMENT TEXT OBTAINED FROM EFPA'S APPLICABILITY DETERMINATION INDEX

We have consulted with the Offices of Air Quality Planning and Standards and General
Counsel. They concur with this determination. If you have any further questions
concerning this matter, please contact Ann Eastham of my staff at (202) 382-2876.

Edward E. Reich
(signed)

cc: Larry Jones - OAQPS
Gail Lacy - OAQPS
Rich Ossias - OGC
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Preface

This volume contains papers written for OTA to assist in preparation of the report
Increased Automobile Fuel Efficiency and Synthetic Fuels: Alternatives for Reducing
Oil Imports. OTA does not endorse these papers. In several instances, the OTA report
reaches somewhat different conclusions because of additional information which was
obtained later. These papers, however, may prove valuable for readers needing more
detailed or specific information than could be accommodated in the final assessment
report, and are being made available for such purposes.

DEQ 002932



SELECTED TECHNICAL AND ECONOMIC COMPARISONS

QF SYNFUEL OPTIONS

FINAL REPORT

April 1981

Prepared For The

Office of Technology Assessment

United States Congress

_g/% &..%oaaéd« Inc.
7915 Richfield Road

Springifvilehbdaia 22153

DEQ 002933



NOTICE

This report was prepared as an account of work sponsored

by the Congress of the United States, Office of Technology
Assessment. Neither the Congress of the United States nor

the Office of Technology Assessment, United States Congress,
nor any of its employees, nor any of their contractors, sub-
contractors, or théir employees, makes any warranty, expressed
or implied, or assumes any legal liability or responsibility
for the accuracy, completeness, or usefulness of any infor-
mation, apparatus, product or process disclosed, or repre-
sents that its use could not infringe privately owned rights.
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Chapter 3: OVERVIEW OF SELECTED SYNTHETIC FUEL
CONVERSION PROCESSES

3.1 General Synfuel Processes

The General term " synfuel processes” applies to the following:

1. Upgrading of coal. to gaseous, liquid or solid products
with improved characteristics.

2. creversion of the kerogen in oil shale to gaseous or
liquid fuels or products.

3. Recovery of petroleum crudes from non-conventional oil
resources such as heavy oils and tar sands.

Upgrading of coal by subjecting it to a reaction with steam at
high temperatures and pressures in the presence of air or oxygen, or
to hydrogen, with or without a catalyst, is called conversion. The
coal can be converted to gaseous (gasification) or liquid (lique-
faction) hydrocarbons. The products have a much lower content of sulfur
than the original coal. 0il shale can be retorted by subjecting it to
high temperature and pressure, also producing gaseous or liquid
hydrocarbons . Catalysts are used in synfuel processes when there
is need to accelerate the reaction rates and affect the product state.

In this report, the following processes are included:
1. Coal gasification

-to medium Btu gas: generic
- to high Btu gas: generic

2. Coal Liquefaction

-by pyrolysis (none included) ,

-by solvent extraction: liquid solvent refined coal (SRC II)
Exxon donor solvent (EDS)

- by catalytic liguefaction: H-coal

- by indirect liquefaction: Fischer-Tropsch (FT) Methanol

3. 0il shale retorting using:
-true in situ retorting (none included)

- modified in situ: generic
- surface retorting: generic

3.2 coal Gasification

The process by which coal is gasified involves reactions of
devolatization of coal with steam at elevated pressures and tempera-
tures to produce CO and H,0. Gasification of coal involves basically

3-1
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the following reaction between steam and carbon:
¢ + Alr or Oxygen + H,0 co + H, + Heat

There are many processes by which coal can be gasified producing
low-, wedium- or high-Btu gas. The definitions of the heat content
of each of then arenot rigorous. Low-Btu gas is a mixture of carbon
monoxide, hydrogen and nitrogen, It has a heating value of less than
300 Btu per standard cubic foot' (Reference No. 25)=. This gas is of
interest to industry either as a combustible fuel or as a raw material
from which ammonia, methanol, and other compounds may be synthesized.
Due to the low heating value, it cannot command high enough prices to
justify long distance transport. Medium-Btu gas is-a mixture of
methane carbon .monoxide, hydrogen, and other gases. It has a heating
value between 300 and 700 Btu per standard cubic foot (Reference No. 25)
It is suitable as a fuel for industrial consumers, but because of its low
heating value, is not economic to transport over great distances. High-
Btu gas consists egsentially of methane. It has a heating value of
appro approximately 1000 Btu per standard cubic foot, and is compatible with
natural gas in that it can be substituted for natural gas in existing

pipeline systems.

Coal gasification processes can be divided into three major process

tyges according mainly to the way in which the feedstock coal, steanm,
and the product” gases are contacted. They are:

1. Fixed bed gasification in which the crushed, sized coal
is fed from the top of the reactor vessel. Steam, air
or oxygen are blown upwardly.

2, Fluidized bed gasification in which the finely sized coal
particles are “fluidized” by the steam, air or axygen, which
are piped through them.

3. Entrained bed gasification: in which the even finer coal

particles are blown into the reacting gas stream prior to
entry into the reactor. The coal particles are suspended

in the gas phase, and are filtered and recycled until a
product gas with a suitable heating value is produced.

Figure 3.1 (Reference No. 31) describes the main features of these
three processes.

1
Usually, low-Btu gas has a heating valw bejow  200Btu per SCE;
and mediuwm-Btu gas ranges in heating value between 300 - 350 Btu per

Scf

3-2 ,
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Figure 3.1: Basic Coal Gasification Processes
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3-3

ejbta

DEQ 002938



Figure 3.2 (Reference No. 31) is a schematic diagram of coal
gasification. It represents the whole coal ga81flcat10n fuel cycle,
including the production of low-, medium- or high-Btu gas. All of
these gasification processes share a number of process steps. If
high-Btu, pipeline-quality gas is desired, essentially all of the
following process steps are required. In some cases, some of them
may be omitted, depending on the type of coal being processed and
the type of gas product desired. The process steps are.as follows

(Reference No. 25).

1. DPretreatment of coal’ (if sizing or caking are pfoblems)
2, Primary gasification of coal. '

3. Secondary gasification of carbonaceous residue from
primary gasifier.

4, Removal of CO,, HS, and other acid gases.

5. shift conversion for adjustment of the carbon monoxide/
hydrogen mole ratio to the desired 1:3.

§. Catalytic methanation of the carbon monoxide/hydrogen
mixture to form methane.

Pretreatment

The coal received at the plant must be further cleaned and crushed
or ground before it can enter the gasifier. Extaneous materials such
as shale, rocks, metal, etc. are removed by conventional cleaning
nethods . For fluldlzed or entrained gas1flcatlon processes, the coal
needs to be finely ground. Crushing and sizing may also be required
for other processes. In the case of certain bituminous coals called
caking coals, agglomeration of the material is observed when they are
heated. Treatment is needed if they are to be ga51f1ed by fluidized or
Moving bed processes, or even in fixed bed reactlon The caking
characterlstlcs are destroyed when the coal is heated to low
temperatures in the presence of air or oxygen.

2 Pretreatment of coal by partial oxidation with air or oxygen is not
in general a cost-effective approach to destroying the caking characte-
ristics of certain coals, such as Eastern ktiminous coals, because of the
loss of Btn values of the coal in producing 3 & H.. The caking

problem is a serious problem in the processing of such coals and limits
the applicability of current occmmercial gasifiers such as the dry-bottom
Lurgi to Western Subbituminous coals and lignite.

3-4
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Figure 3.2:
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Primary Gasification

This is the heart of the process, and is basically a
pyrolysis process of the raw coal. The coal feed is con-
tacted with synthesis gas (carbon monoxide and hydrogen)
The coal is devolatized according to the following general
reaction (Reference No. 25 ).

COAL + HEAT (Pyrolysis) + Methane, water, tars, phenols,
hydrogen sulfide, hydrogen,
carbon dioxide, char, etc.

The pressures used for gasification range from atmos-
pheric pressure to 1000 psi. The heat required to maintain
the endothermic gasification reaction is supplied from
burning coal. Air or oxygen are also needed to support the
combustion reaction. If air is used, the product is low
Btu gas ranging from essentially a carbon monoxide/hydrogen
mixture (Koppers-Totzek process) to mixtures containing
various proportions of carbon monoxide, carbon dioxide,
hydrogen, water, methane, hydrogen sulfide, nltrogen, and
typical products of pyrolysis such as tar, oils, phenols,
etc. If oxygen is used, medium Btu gas results.

The bulk of the .original coal 1is transformed into a
gsolid char. Certain cocals are more “reactive” to gasifi-
cation than others. Thus the type of coal being processed
© determines to a large “extent the amount of char produced,
and the analysis of the gaseous products. The char is
usually gasified by additional proce551ng steps, or is
marketed.

Secondary Gasification

Secondary gasification involves the gasification of
char from the primary gasifier., This is usually done by
reacting the hot char with water vapor to produce carbon
monoxide and hydrogen.

If the desired final product is either low- or medium-
Btu gas, secondary gasification is usually followed by
scrubbing and cleaning. Carbon dioxide and sulfur com-
pounds are partially removed, and the resulting gas is
used directly. If high-Btu gas is desired, shift conversion
and methanation are further required.

Shift Conversion

In most gasification processes, a shift reaction is
employed prior to methanation. Its-purpose is to react

H
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a portion of .the carbon monoxide with steam to form more
hydrogen.

co + H,0 + CO2 + H2

By this exothermic reaction the ratio of carbon monoxide
to hydrogen may be increased to 1:3 mole ratio needed to
produce methane. Otherwise, deactivation of the catalyst
used in the methanation takes place.

The catalytic shift conversion reaction is a well-
known process, but it has not been applied on the large
scale required for commercial coal gasification. For
coal gas shifting, conventional iron-chromium catalysts
may be used; however, the coal gas stream must be purified
prior to shifting (Reference No. 25 ).

Methanation

If carbon- monox1de and hydrogen are present in the
mole ratio of 1:3, the coal gas can be reacted in the
presence of a catalyst to produce methane. Group VII'
transition elements such as iron, cobalt, nickel, ruthen-
ium, rhodium, palladium, osmium, iridium, and platinum
have been found to be effective catalysts. The following
exothermic reactions occur simultaneously within the
methanation unit (Reference No, 25 ).

CO + 3H, + CH, + HO

co, +4H , ~ CH, + 28,0
CO + HZO - COZ + 19
200 > CO, + ¢

Special care must be taken to prevent deactivation of
the catalyst by temperatures above 750°F. It can also be
Poisoned by carbon deposition. These can be dircumvented
by ensuring that the mixture of carbon monoxide and hydro-
gen shall be fed to the methanator in the ratio of 1:3.
Scrubbing of sulfur from the synthesis gas feed is employed
to alleviate sulfur poisoning of the catalyst.

The final step to prepare high Btu gas for marketing
is to remove water to spec1f1ed levels. The product gas
usually undergoes compression prior to storage ormarket-
ing.

3-7
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3.3 Coal Ligquefaction

303.1 General

Coal liquefaction processes are conversion processes
in which liguids are the primary products. Some gases and
golid char may also be produced.

There are two basic routes to coal liguefaction, namely
direct and indirect liquefaction. In direct processes,
slurried crushed coal is reacted directly with hydrogen
at high temperature and pressure conditions to produce
liquid hydrocarbons. In indirect liquefaction, coal is
first gasified to produce a hydrogen-and carbon monoxide
mixture. Further recombination with the aid of a catalyst
produces liquid products.

Direct ligquefaction is further broken down into three
generic processes, namely: pyrolysis, solvent extraction,
and catalytic liquefaction. The yields and physical prop-
erties of the produced ligquid products depend directly on
the reactor conditions and degree of hydrogenation.

Pyrolysis

In pyrolysis processes, coal is heated to temperatures
above 750°F. It is converted into gases, ligquids, and char.
The latter accounts for more than 50 percent of the weight
of the feed coal and requires hydrogenation. Some amount
of solids remain in the raw gas and liquid products. They
consist of unreacted coal and ash, and can be relatively
easily removed from the gas stream. But the liquid requires
filtration, distillation, or some other treatment to remove
the solids.

Solvent Extraction

This process makes use of coal derived liquids known
as “donor” sgolvents to increase the fraction of the coal
that goes into solution. The “donor” solvents act as ,
source of hydrogen to the coal products, and are reacted
together at temperatures up to 950°F. Hydrogen may be
supplied under pressure in the extraction step, or it may
be used to hydrogenate the solvent prior to recycle. In
some procegses the unreacted coal is used to generate the
necessary hydrogen. In other processes, the hydrogen is
generated from by-product gases or from additional raw
coal.

3-8
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Catalytic Liquefaction

In this process, pulverized coal is mixed with 1-1.5 parts of
recycle solvent. A guitable catalyst is used to add hydrogen. Most
precesses of this type operate in the liquid phase with catalyst dis-
persed throughout or in a fixed bed. Some prccesses now in the development
stage involve the injection of catalyst-impregnated coal into a stream
of hot hydrogen at about 950° F for a very short time (Reference No. 25)

Indirect Liquefaction

Two stage conversion of coal typifies indirect liquefaction processes.
Coal is first reacted with steam and oxygen to produce a gas composed
primarily of carbon monoxide and hydrogen. This gas stream is subsequently
purified to remove sulfur,nitrogen, and ash. The product gas is then
catalytically reacted to yield liquid hydrocarbon products.

Figure 3.3 (Reference No. 31) presents a schematic diagram of the
basic liquefaction processes. Each of them produces several types of
products and sane gas, which may be used within the plant.

Removal of solids from coal liquids is a critical step in most of
these liquefaction processes. Although there is currently a trend
toward elimination of the solid-liquid separation step by the recovery
of a solids-laden vacuum bottoms stream for gasification, most existing
plant designs call for gsome type of physical/chemical solids removal
systen, 3 The three processes receiving the most current interest are
critical solvent deashing, antisolvent deashing, and pressure filtration

(Reference No. 25) .

Separation of ash and unreacted coal particulate from coal
liquids is difficult because of the small size and large quantity of
the solid particles, the snail density difference between solids and
the liquid, and the high viscosity and melting point of the liquids.
The Kerr McGee Corporation has been developing a separation technique
which utilizes solvents such as benzene, toluene, xylene, pyridene,
and cresols near their critical temperature and pressure, hence the
term solvent deashing (Reference No-. 25) .

3

Solid\liquid separation is a critical step only in direct liquefaction
process. Most modern coal hydroliquefaction processes in the pilot
plant stage of development, such as SRCII , EDS , H-Coal (syncrude rode)
do not require a solid/liquid separation stage. '
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¥1gure 3.3;: Schematic Diagram of the Rasic Liguefaction Processes®
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3.3.2 Liquid Solvent Refined Coal (SRCII)

The SRCI process was developed to convert high-sulfur, high-ash
coals to low-sulfur and ash solid fuels. The SRCII is the same kind
of process, except the product is a liquid rather than a solid. This
is achieved by adding more hydrogen through the following steps:

1. Recycling of a portion of the product slurry as solvent for
the feed coal.

2. Higher residence time in dissolver,
3. Higher pressure.

4, Use, of vacuum distillation to separate solids from liquid,
rather than the troublesome filtration step employed in SRCI .

Figure 3.4 is a schematic diagram of the SRCII process (Reference
No. 35) . Table 3.1 summarizes the components, resource requirements,
and potential impacts of this process (Reference No. 17) . The feed
coal is first pulverized to less than 1/8" size, dried and mixed with
process derived solvent in a slurry mix tank (Reference No. 35) . Feed
coal is limited to those containing certain trace mineral elements
which may be required to act as catalysts for the breaking of solids to
liquids in the liquefaction reaction’ (Reference No. 291. However,
in cases where the problem is concentration rather than the presence of
specific trace elements, a recycle of residue may broaden the allowable
coal feeds (Reference No. 29) . The coal slurry is then mixed with
hydrogen generated by gasification of the vacuum bottoms from the
liquefaction step and reacting with steam and oxygen in a gasifier-converter.
The slurry is pumped through a preheater (700 to 750°F) and passed
through a dissolver (2000 psi, 820 to 870°F) to dissolve about 90
percent of the coal (Reference No. 35) . The following additional
reactions take Place in the dissolver (Reference No. 35) .

1. The coal is depolymerized and hydrogenated.

2. The solvent is hydrocracked to form lower molecular weight
hydrocarbons, ranging from light oil to methane.

3. Much of the organic sulfur is removéd in the form of
hydrogen sulfide.

The sultry stream from the dissolver is split into two. One is
recycled to provide solvent for coal slurry mixing. The other is

fractionated to recover the primary

4 Opinions differ about the role of the trace minerals as catalysts.
The primary “catalyst” in the SRCII process may well be the pyritic
mineral matter contained in the coal and not “trace mineral-glements. u
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products which consist of naphtha, low sulfur fuel oil,
and a vacuum residue which is separated from the solution
in a filtration unit. The residue consists of heavy oil,
ash and undissolved organic material from the coal
(Reference No. 25 ).

The gases from the dissolver are treated to remove
hydrogen sulfide and carbon dioxide. Liquid petroleum
gases and pipeline gas are separated in a cryogenic sepa-
ration unit. Unreacted hydrogen is recovered and recycled.

Recent developments have resulted in increased
efficiency of the SRCII process. A combination of golid
and liquid products are produced. A wide range of pro-
ducts can be obtained depending on the severity of re-
cycling. Table 3.2 (Reference No. 25 ) shows the
properties of a typical mix of products.

3.3.3. Exxon Donor Solvent (EDS)

The process is similar to SRCII, except that the major
portion of the hydrogen supplied as part of the solvent is
chemically combined rather than in the form of a free dis-
solved gas (Reference No. 29 ). A schematic diagram of
the process 1s illustrated in Figure 35 . (Reference No.

35 ). Crushed coal is ligquefied in a reactor at 800-
880°F and 1500 - 2000 psig (Reference No. 25 ). The
reaction is non-catalytic, in the presence of molecular
hydrogen and the hydrogen-donor solvent, which transfers
hydrogen to the coal. The product from the ligquefaction
reactor is separated into two portions. One part is sent
to the solvent hydrogenation unit to produce donor solvent.
It is a catalytically hydrogenated recycle stream which is
fractionated from the middle boiling range of the liquid
product, and has a boiling range of 400 - 850°F (Reference
No. 25 ). After hydrogenation, the solvent is mixed with
fresh coal feed, heated in a furnace, and pumped into the
liguefaction reactor.

The other portion from the product liquefaction re-
actor is a slurry. It is separated by distillation into
gas, naphtha, middle distillate, and a bottom product that
contains heavy liquid, untreated coal and mineral matter.
The vacuum bottoms slurry is cooked to produce additional
liquids.

The major advantages of the EDS procegs are:

1. High yields of low sulfur liquids are obtained

from bituminous and sub-bituminous coals or
lignites (Reference No. 25 ). A yield

3-14
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TABLE 3.2

TYPICAL PROPERTIES OF SRC FUELS
USING RECYCLE SRC II PROCESS

Solid Fuel Distillate Fuel

Gravity: ‘API -18.3 5.0
Approximate Boiling Range: 'F 800+ 400-800
Fusion Point: 'F 350

Flash Point: '‘F 168
Viscosity: SUS at 100°F 50
Sulfur*; Percent 0.8 0.3
Nitrogen*: Percent 2.0 0.9
Heating Value: Btu/lb. _ 16,000 17,300

* Assuming Western Kentucky coal feed with 4% Sulfur and 2% Nitrogen.

SOURCE: Reference 15
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of 2.6 barrels of liquids per ton of dry coal is
typical for an Illinois bituminous coal (Reference
No. 25 ).

2. The only by-products of significance are ammonia
and elemental gulfur (Reference No. 25 ),

3. There is wide flexibility in product distribution
by varying liquefaction conditions or adjusting
solvent properties (Reference No. 25 ).

The typical properties of the products from the EDS

process are shown in Table 3.3 (Reference No.__ 25 .
An estimated heat balance i1s given in Table 3.4 (Reference
No. 35 ).

3.3.4 H-Coal

The H-coal process converts coal to hydrocarbon liquids
by hydrogenation with a cobalt-molybdenum catalyst. An
ebullated bed reactor is employed. The liquid products
may range from a heavy boiler fuel to a synthetic crude
product (Reference No. 25 ).

Figure 3.6 (Reference No. 35 ) is a schematic dia-

gram of the H-coal process. Coal is first crushed to minus

60 mesh, dried, and then slurried with recycled oils at
pressures of approximately 200 atmospheres (Reference No.
w  Mixing of the slurry with compressed hydrogen
%éﬁiows, and the mixture is preheated. The material is
pumped to the bottom of the ebullated bed reactor, with
the-upward flow of slurry through the reactor maintaining
the catalyst in a fluidized state (i.e. random motion)
The catalyst needs periodic additions of fresh catalyst
and withdrawals of spent portions. Typical temperatures
of the slurry entering the reactor are 650 - 700°F
(Reference No. 25 ). The finely divided ccal and ash
particles flowing through the ebullating bed are removed
with liquid and vapor products.

The reactor effluent is separated into recycle and
net product streams. Conventional processing equipment
is used. The liquid stream is distilled to produce a
mixture of light distillate and a heavy distillate pro-
duct. Gaseoug products composed of hydrocarbon gas,
hydrogen sulfide and ammonia are geparated. A portion
of the heavy distillate is recycled as the slurrying medium.

The operating conditions of the H-Coal process can be
altered to produce various types of primary products. For

3-17
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TABLE T 373

DONOR SOLVENT PRODUCT ANALYSES

1 .
Heavy Naphtha~ 200°C+ Fuel 0Oil
Raw Hydrotreated Raw Hydrotreated
Liquid Liquid Liquid Liquid
Nominal Boiling Range, ‘c 70/200 70/200 200/540 200/540
Distillation, 15/5°C
10 wt % 106 92 247 239
50 wt. % 180 157 368 347
90 wt, % 199 182 433 412
Density (g/cm 3) 0.87 0.80 1.08 1.01
Elemental Analysis, Wt. %
¢ 85.60 86.80 89.40 90.80
H 10.90 12,90 7.70 8.60
0 2,82 0.23 1.83 0.32
N 0.21 0.06 0.66 0.24
8 0.47 0.005 0.41 0.04
‘Higher Heating Value MJ/kg 42.6 44.9 39.8 42,1
Lxcludes C6/70°C naphtha cut
SOURCE: Reference 25
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Tab | e 3.4

Estimated Heat Balance for a Commercial Scale EDS Plant

Btu/day Percent of Total
(10 Btu's) Energy Input
System Products
Liquids 323,071 61.72
Sulfur, ammonia 8,309 1.59
System Losses
Ash, combustibles and sensible :
heat 26,082 5.13 °
Stack losses 20,039 3.83 .
Energy [osses vig water and air 136,853 26.14
Liguefaction and solvent
hydrogenation (9.80%)
Flexicoking (6 .44%)
Hydrogenation and recovery
(6.72%)
“ By-product recovery, offsites,
and miscellaneous (3.18%)
Other miscellaneous 8,309 1.59
Energy Input
Coal (cleaned)* 488,761 93.37
Electrical power** 34,702 6.63
* Coal - Illinois No. 6; 10,574 Btu/!b as received prior Yo cleaning

** Power based on 8,500 Btu/kwh to generate

SOURCE: Reference 35
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example, relatively high temperatures and high hydrogen partial.
pressures are used to produce a synthetic crude products. Vacuum
distillation is used to separate the solids from the liquid phase. If
gas and oil are desired, lower temperatures and pressures are used
(Reference No. 25) . Conversion and yield structure are determt ned by
reactor conditions, catalyst replacement rate, and recycle slurry oil

composition (Reference No. 29) .

Table 35 (Reference No. 25) summarizes the properties of both the
fuel oil syncrude products from H-coal.

Table 3.6 (Reference No. 17) summarizes the components:, resources
and potential impacts from H-coal” process. It requires between 14,000
and 20,000 standard cubic feet of hydrogen for each ton of coal produced.
Hydrogen consumption depends on the type of product produced, with
less flydrogen required during the production of residual oil (Reference
No. 25

3,3.5 Fischer-Tropsch Process

A commercial plant using a modification of this process is currently

operaing in South Africa (Reference No. 36).This is the only
commercial sized plant producing synfuels. Table 3.7 7_(Reference No. 35)

is an overview of this plant.

In the Fischer-Tropsch process the coal is initially gasified
(for description of gasification see section 3.2 of this report) . The
synthesis gas is then converted to largely aliphatic hydrocarbons using
an iron or cobalt catalyst. :

Figure 3.7 (Reference No. 35) is a schematic diagram of the SASOL
I plant, which utilizes the Fischer-Tropsch process. Thirteen high
pressure gasifiers convert coal in the presence of steam and oxygen to
medium Btu gas containing mainly carbon monoxide, tars and oils. The
product gas is then cleaned of carbon dioxide, hydrogen sulfide, organic
sulfur, ammonia, and phenols. The cleaned gas is then subjected to
the catalytic Fischer-Tropsch reaction which produces a mixture of gases,
liquid hydrocarbons, and an aqueous chemical mixture that must be
further processed to set the desired plant output .

The cleaned gas from the Lurgl gasifiers ig partitioned into two
streams , One stream is reacted in a fixed bed catalytic reactor to
produce straight chain and medium boiling 01ls diesel oil, LPG, and
some alcohols. Operating conditions are 450°F and 360 psig (Reference
No. 35) . Theotherstreamis combined with reformed product gas to
increase the hydrogen to carbon ratio. It is reacted in a fluidized bed reactor
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TABLE 3.5
PROPERTIES OF H-COAL DISTILLATES

~ FROM ILLINOIS NO. 6 COAL LIQUIDS

_ Fuel 0il .__Syncrude
<203°C >203°C <1l97°¢ >1970C
Property distillate distillate digtillate distillate
Specific gravity,
60° /60°F 0.864 0.979 0.838 1.025
Gravity, ‘API 32.3 13.0 37.4 6.6
Pour point, ASTM D-97,
F <5 <5 <5 <5
Color, ASIM D-1500 or Brownish ' Brownish
(BuMines description) NPAG black NPA4-1/2 black
Kinematic viscosity
@ 100°F, ASTM D-455,
C, 1.08 3.87 0.96 14.90
Saybolt viscosity, SUS,
100°F 39 77
Sulfur (Bomb)
ASTM D-129, wt-pet 0.13 . 0.29 0.06 0.35
Nitrogen, Kjeldahl,
Wt-pet 0.420 0.446 0.212 0.871
Carbon residue
(Conradson) ASTM-524, -
Wt-pet 0 2.33 0 - 5.44
SOURCE: Reference 25
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Overviews on

LOCAT | ON:
DESCR I PTION;

SIZE:
STATUS:

YEARS OPERATION:

COAL TVPE:
MAJOR PRODUCTS:

LOCATION:
DESCRIPTION:

SIZE:
STATUS:
COAL TYPE:

MAJOR PRODUCTS:

SOURCE:

TABLE 3.7

SASOL 1 and SASOL Il, based on reference 8, follow:

SASOL 1
Sasolburg, South Africa
Gasification in Lurgi gasifiers
Two Fischer-Tropsch synthesis unifs,-

1)  ARGE fixed-bed unit, temp. 230°C;
press. 23 atm.; catalyst, pelleted
precipltated iron.

2) Kellogg SYNTHOL process, high-
velocity entrained-flow reaction
using a doubly promoted 1xron
catalyst,

10,000 bpd

in commercial production since 1956
24

Subbituminous

Liquid fuels, chemicals, and fuel gas.

SASOL i
Secunda, South Africa
Gasification in Lurgi gasifiers,

Fischer-Tropsch synthesis unit using the
Kellogg SYNTHOL process

Nominal 40,000 bpd

Anticipate ready for commissioning in 1980
Subbituminous

Liquid fuels (gasoline is the major product).

Reference 35
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at 620%’ and 330 psig, (Reference No. 35). The main products are gasoline,
fuel oil fractions, and various chemical products. The gasoline has a
lower octane rating than the one derived from petroleum crude. The
products produced do not fit well into existing markets. However, Mobil
0il Corporation has developed catalysts that improve the.quantity and

quality of gasoline (Reference No. 29).

3.3.6 Methanol Process

The production of methanol from synthesis gas is a specialized app-
lication of the Fischer-Tropsch reaction. Whereas the F-T process produces
liquid fuels and chemical products, the Mobil methanol process produces
gasolines « The schematic outline of this process is given in Figures
3 8 and 3.9 (Reference No. 35) . Table 3.8 '(Reference No. 35) presents

isy, ©f the thermal efficiencies of the Fischer-Tropsch and the
f methanol -to-gasoline process.

In the Mobil methanol liquefaction process, synthesis gas is produced
from coal by any of-the mediun-Btu coal-gasification processes. The
synthesis gas is converted to methanol by a number of catalytic processes .
The reaction is exothermic. The yield of methanol is optimized by using
high pressures and low temperatures, optimum type and shape of catalysts,
and of recycling of the unreacted gases.

The conversion of methanol to gasoline is a separate catalytic
conversion process. The Mobil conversion process dehydrates methanol,
then rearranges the carbon and hydrogen atoms. The zeolite catalysts
employed in the process (called ZSM-5 class catalysts) have a unique
rhanna The pore ogenmgs are of the right size to limit the
size of the product molecules that tan pass through™ then.
the conversion proceeds to conventional high quality gasoline Reference No. 25 )

Table 3.9 (Reference NO. 25) summarizes the overall material and
energy balances of the methanol-to-gasoline conversion process.

Table 3.9 (Reference No. 25) shows typical product ylelds produced
from methanol by this conversion process.

5 Even though M comercial demonstration plants of the “indirect” coal-
methanol~gasoline process has been built as of this date, this route is
considered by many autharities to be a very promising way to get gasollne
from coal. There are several proposed studies and plants under instruction
in the U.S. using this process (see Appendix chart) . Also, New Zealand
Liquid Fuels Trust Board (Report No. IF 5502, 10/31/79) has a large Mobil-
M gasg)l:ine plant wnder construction (expected to become operational by
1983-5
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Table 3.8

Thermal Efficiencies

Methanol-to-Gasoline ’ Figcher-Tropsch’
Btu/hour Percent of Btu/hour  Percent of
(1C° Btu) Input (106 Btu) Input
Input
coal 19,383 19,708
Coal Fines (excess) (872) -
Methanol : 3
Total Input 18,511 19,711
output
SNG 6,067 32.8 7,243 36.8
C3 LPG 247 1.3 176 0.9
C,LPG 385 2.1 26 0.1
10 RVP Gasoline 4,689 25.3 2,842 14.4
Diesel Fuel 514 2.6
Heavy Fuel Oil 147 0.7
subtotal 11,388 61.5 10 ,948 55.5
Alcohols 290 1.5
sulfur 19 0.1 19 0.1
Ammonia 83 0.5 83 0.4
Power 18 0.1 11 0.1
Total Output 11,508 62.2 11,351 57.6

6 Thermal efficiencies are highly dependent on product mix.

7 The indirect liquefaction processes shown here may be.Considered as
gasification processes for SNG, with the major ocoproduct being galosine,
e.g. , for the "Pischer-Tropsch process” shown, the yield of. SNG is 1.45
BOE/ton of coal, with a gasoline yield of 0.58 HOE/ton of coal. It is
thus not representative of the SASOL-II process which emwphasizes the
production of liquid fuels.

8 Direct themmal equivalent value (thermal efficiencies are highly
deperdent on product mix (see Section 7. 5) .

SOURCE : Reference 35
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Material Balance

Energy Balance:

Methanol -

TABLE 3.9

METHANOL-TO-GASOLINE BALANCES

Hydrocarbons +

Water

100 tons 44 tons

100 Btu 95 Btu

YIELDS FRCM METHANOL

Average Bed Temperature,°F

Pressure, psig

Space Velocity (WHSV)

Yields, wt % of charge

Methanol + Ether
Hydrocarbons
Water

co, CO,

Coke, Other

Hydrocarbon products, wt %

Light gas
Propane
Propylene
i-Butane
n-Butane
Butenes

C,+ Gasoline

Gasoline (including alkylates),
wt, % (96 RON, 9 RVP)

LP Gas, wt %

Fuel Gas, wt %

SOURCE:

Reference 25
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3.4 0il Shale Retorting

3.4.1. General

oil shale resources varywidely in their oil yields. High grade

shale is normally defined as a deposit that averages 30 or more gallons

811 per ton of shale. Low grade shale averages 10 to 30 gallons per
ton (Reference No. 7) . Several factors determine whether or not an oil
shale deposit is recoverable. These include oil yield (usually equal
or above 20 gallons per ton) , zone thickness, overburden thickness, the
presence of other materials in the shale, availability of needed
resources such as waterand services, and location relative, to markets.

There are two major routes for converting oil shale to liquid or
gaseous fuels., They are:

1. Conventional mining followed by surface retorting (heating) ,

2, In situ (in place) retorting

In addition, there is modified in situ. In this process, the perme
ability (i.e., void volume) of oil shale deposits is increased in order
to enhance the in situ retorting by removing sore of the shale. The
methods of rein@ or increasing the permeability of the oil shale deposits
are explained in reference 8.

3.4.2. Surface Retorting

In surface retorting of oil shale, the heating takes place above
ground. The shale is crushed to the rlght size, and fed into a retorting
vessel. Heating the shale to between 800°F and 1000°'F remove s abut 75
percent of the kerogen from the shale (Reference No. 8) . Different
retorting precesses apply heat to the shale in different ways. Gas or nom
combustible solids such as sand or ceramic balls can be used as heat
carriers. The vapor produced during the heat@ is condensed to form
crude shale oil. It can be further upgraded and refined to produce
more marketable products.

As a generic surface retortlng process, TOSCO II is described.
Its schematic diagram is given in Figure 3.10 (Reference No._$).

9
Shale deposits yielding less than10gallons of oil per ton are

normally omitted from USGS resource estimates.
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Raw oil shale is crushed to 1/2 inch and preheated to 500° F,
It is mixed with hot ceramic balls 3/4 inch in diameter and at 1200°F
in a retortinglPﬁrolysis drum (Reference No. 25) . About two tons
of balls mix with every ton of shale. The oil shale is heated to
900°F, releasing hydrocarbon vapors from the kerogen. The spent
shale and the balls pass to the sealed accumulator vessel, in which
the balls are separated from the shale by a heavy duty rotating cylinder
with numerous holes., The balls are lifted by a bucket elevator to
the gas fired ball heater, which heats the balls to 1270°F by
direct contact heat exchanger. The spent shale goes through

3-3la

ejb&a

DEQ 002967



FIGURE 3.10

The TOSCO Il Oil Shale Retorting System
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a special heat exchanger which cools the shale for disposal
and produces steam for plant use. Then the spent shale is
quenched with water and moisturized to 14 percent, a level
proper for disposal.

Hot flue gas from the ball heater is used to lift
raw shale to a point at which it can subsequently flow
by gravity into the pyrolysis drum. The flue gas also
heats the raw shale to approximately 500°F.

Table 3.10 (Reference No. 25 ) summarizes the
bagic material balance for a TOSCO II retort module.

TABLE 3.10

BASIC MATERIAL BALANCE FOR
A TOSCO II RETORT MODULE

0il Shale.
Feed rate, TPSD 10,700
Fischer Assay, GPT 20

‘Pipelineable Shale 0Qil Product

production rate, BPSD 4,500
Properties A
Gravity, *API 28.6
Viscosity (SSU @ 30°F) 800
Pour Point, ‘F 30
Table 3.11 (Reference No. 35 ) summarizes the
energy balance for a plant producing 47,000 barrels per
day. Table 3.12 (Reference No. 17 ) summarizes the

components, resource requirements and potential impacts
0f surface oil shale retorting.
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Estimated Energy Balance For a TOSCO [l Plant
producing 47,000 BPSD* Upgraded Shale Oil
From 35 Gallons Per Ton Oil Shale

Tab | e 3.11

Btu/hour Percent of Total
{lo Btu's) Energy Input

Product output
Product oil 10.30 58.00
PG 0.70 3.94
Diesel fuel 0,11 0.62

System Losses
Spent shale and moisture 1.78 10.02
Residual carbon (coke) 0.93 5.24
Ammonia 0.11 0.62
Sulfur 0.086 0.34
Cooling water 1.07 6.02
Water evaporat on on shale 0.25 1.41
Losses (includ ing flue gas 2.45 13.79

heat)

Energy Input 17.76 100.0
Raw shale 17.00 95.72
Steam 0.53 2.98
Electrical energy 0.23 1.30

* BPSD' = barrels per stream day
SOURCE: Reference 35
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3.4.3 Modified In Situ Retorting

Occidental modified in situ oil shale retortlng pro-
cess is selected as representative. It involves the mining
out of about 10 to 25 percent of the shale deposit. This
mined portion would presumably be retorted by one of the
surface retorting processes, or if its oil content is too
low, will be treated as waste (Reference No. 37 ).

Figure _3.11 (Reference No. 8 ) represents in
schematic form a generic modified in situ oil shale re-
torting process. ‘Figure 3.12 (Reference No. 37 |
is a more detailed description of the Occidental modified
in situ retorting process. As observed in Figure 3.12 ,
in steps A or the pre-detonation phase, drifts (ch ﬁBersS
are excavated at the top and bottom of the shale deposit,
which is about 300 feet-thick. An interconnecting shaft
is dug to connect the drifts. Rooms with a volume of
about 15 to 20 percent of the eventual volume of the
planned chamber are then mined. Shot holes are drilled
to allow blasting of the shale oil to produce the desired
fragmentation.

In the burn phase, the explosives in the shot holes
are detonated. A rubble-filled chamber is created which
can function as a batch retort. The percentage of wvoid
space and the particle size distribution of the rubble
are a function of the explosive loading. Connections are
made to air/gas recycle and air supply compressors. An
outside heat source (e.g., off gas or oil from other re-
torts) is used for heating the rubble at the top of the
retort. 0il shale and hydrocarbon gases are produced
which move downward. Residual carbon is left on the spent
shale.

The retorting reaction is terminated after a predeter-
mined amount of the rubble has been retorted by halting
the external heating supply. The residual carbon is
utilized to continue the combusion process, which now does
not need external heating. The flame front moves downwards,
preceded by the liquid and gaseous products retorted from
the shale by the hot, oxygen-deficient combusion gases. The
liquid hydrocarbons collect in a sump, from which they are
pumped to the surface. The gaseous by-products are used
partially, with steam, as a recycle stream to control the
oxygen content of the inlet gas. The four distinct zones
that develop during the retorting are shown in Figure 3.11 .

Table_ 3.13 _ (Reference No. 17 ) summarizes the
components, resource requirements, and potential impacts
of modified in situ retorting.
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Figure 3.11: Modified in Situ Retorting
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3.5 comparison of the Various Synfuel Systems With Respect to
Resource Requirements .

In order to estimate the resource requirements of the coal and
oil shale fuel cycles we need first to assess their energy.utilization
efficiencies. These are summarized in Table 3.14.

The resource requirements of coal and oil shale energy. systems per
10°Btu of product delivered to end user are given in Tables 3.15 and
3.16. Tables 3.17 and 3.18 convert these requirements to energy
systems producing 50,000 barrels of oil equivalent per day.

Manpower Yequilr ements for cperating and mainfenance labor of
coal conversion plants are given in Reference 29.

They are:
Plant operators

Operating supervisors
Maintenance labor

Maintenance labor supervisors 30
Administration : 30
Total . 355

These manpower requirements are for a basic (ESCOE) ccal conversion
plant that consumes 25,000 tons of coal per day with 22.4 million
Btu/ton and produces 50,000 bbl/day liquids output.

Very considerable variations exist in the literature in respect
to manpower requirements for the other phases of the fuel cycle. They
depend on such variables as methods of mining, location of mine, kind
of transportation system and extent of beneficiation. A table indicating
the ranges of variables is given in the footnote in respect to the
conversion plants.

10 rimitations ©f Data Sources: Evaluations cgrried out in this report are
often sub ject to great uncerta® nties because:

(1) The information available is only of preliminary nature. There are no
full scale operating synfuel plants in the U.S. (subject to U.S. siting
considerations) , so that data needs to be extrapolated fram pilot
plants with many uncertainties of scale and dissimilarities asscciated
with the extrapolation, as well as specific siting and £ eedstock
characteristics discussed below.
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1 {cent’d)

(2) There are variations among sources which are 0ften due to different
aggsumptions or local influences., Changes in desgign account for
some differences as the technology changes and the environmental
regulations change, Many of the assumptions are not stated - or
even referenced. Budget and time limitations, however, nessitate
the needto use existe databases, rather than the development of

new data.

Even estimating the range of uncertainties is often a value judgement
process , unless moreextensive on-site interviewing with site and
process specific sources of information are developed.
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Table 3. 4 Resource Utilization Efficiencies of Generic Synthetic Fuel Energy Systems

1 2
Coal Gasification

Mediun-Btu High-Btu

Beneficiation2 36.4-97.3 96.4-97.3
Transportation

to Conversion

Plantb 98.5 . 38.5
Conversion to

Fuel € 83 59
Upgrading _and

Refiningd N.A.© N.A.©

Distribution to .
End User 96.9" 97.1%

Overall Energy
Bfficiencies 76.4-79.2 54.4-54.9

SOURCE: E. J. Bentz & Associates

{In Pexcent)

3 4
Coal Liquefaction

Direct Indirect

96.4-97.3 96.4-97.3

98.5 98.5

64~70 48-57

75-95% 95-100f
98. 8 98.8]

45.0-63.0 42.8-54.0

5

0il Shale Retorting

Surface Modified in Situ

96.4-97.3

99.5
67
779
98.8]

48.9-49.3

100

100
61
779
98,83

46 .4

DEQ 002978



Notes for Table 3.14

Estimates of losses of coal and oil shale from beneficiation (in

terms of Btu's) vary broadly among authors, depending on the assumed
degree of upgrading and the kind of coal or oil shale used. Estimates
vary from 0% (Reference 37a) ; 2.7-3.6% (Reference 7) ; and 12.5%

for intensive beneficiation (Reference No. 17) . .

Average value of losses are 1.5% (time from Reference No. 7) . In the
case of oil shale, where distances are shorter, 0 .5% is assumed.

The @et efficiencies (rather than the process efficiencies) were
used, The efficiencies for coal conversion processes are derived from
Roger and Hill. (Reference 29) . In the case of H-Coal, the syncrude
efficiency was used. In the case of oil shale retorting processes,

the efficiencyes are derived from DOE (Reference No. 17) .

Data on efficiencies of upgrading and refining syncrudes is very
limited and unreliable (see Section 1.7)

N.A. means not applicable.

Overall yields for SRC II of finished fuels range between 83 and 98
liquid volume percent of SRC II syncrude, depending on the product
slate and how refinery fuel and hydrogen plant feed are supplied. An
average of the net product yields ranging between 88 and 91 was
assumed (Reference No. 22) . However, these values apparently do not
include coal use for the producti'on of hydrogen needs for the upgrading
process. If coal-derived hydrogen is to be used (as against hydrogen
from nuclear fission or from biosynthesis) , then the upgrading and
refining efficiencies for coal conversion products become 75 percent.
However, in some cases it may be expected that all of the hydrogen and
energy required for the Upgrading/refining process would be obtained
from residuals, higher boiler fractions, and methane produced in the

grogess or plant refinery(which may include the use_of Petroleum
erived vacuum » In the case of indirect liquefaction

Processes, all the needed hydrogen is accounted for in the gasifier,
.and higher upgrading efficiencies can be achieved, depending on product
slate .

Derived from Reference 26a. However, MIS oil is easier to upgrade, so
that higher efficiency may be in order.

Derived from Reference 17.
Derived from Reference 7.

Derived from Reference 7 and 10,
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€y-€

exnqle

Beneficiation

Transportation to
Conversion Plant

Conversion to
Fuel

Upgrading and
Refining
Distribution to
End User

verall
Consumption

Table 3.15 Fossil Carbon Consumption of Generic Synthetic Fuel Energy Systems
(In 103 ton of fossil carbon/106 Btu fuel delivered to end user)

1 2
Coal Gasification

Mediun-Btu High-Btu

1.2-1.6 1.7-2.2
0.7 0.9
0.7 25.1
o -
1.4 1.8

9.1+10.3 27.6-27.9

SOURCE: E. J. Bentz & Associates

3 4
Coal Liquefaction
Direct Indirect
2.0-2.7 2.1-2.8

1.1 1.2

22.2-26.7 33.5-40.5

3.7-18.5 0-3.9
6.9 0.9
27.4-40.7 35.8-44.%

5 6
0il Shale Retorting

Surface Modified in Situ

0.9-1.2 o
0.2 o
11.4 18.7
7.9 11.0
0.4 0.6

17.5-17.6 25.7

DEQ 002980



‘Notes to Table 3.15

a This table summnarizes the consumption of fossil carbon contained
inthe feedstocks or products during the various phases of the
various synfuel cycles.

b the numbers in the table are based on the following éssumptions:

(i) The resource utilization efficiencies are those;developed in
Table 3.14.

(ii) The carbon content of bitumimous coal averages 87.8% lignites -
72. 5% and sub-bituminous~ reals - 73. 5%. The carbon content
of the kerogen (i. e., crude shale oil) averages 80. 5%. (Ref. 26b) . For
convenience, an average figure of 80% for the carbon content”
of coals and kerogen is used.

(1i1)The loss in fossil carbon is directly proportional to the loss
in coal or kerogen, .

(iv) The Btu content of a ton of coal is 24x10°Btu and of ton crude
shale o0il 1is 36x10*Btu.

c A sample calculation for medium Btu coal gasification is as follows:

A ton of feedstock bltumlnous coal has 24x.10°Btu, of which

18. 34x10°to 19. 0lx10°Btu is delivered to the end users (74.4 to

79. 2% overall energy efficiency - see Table 3.14) . Since a ton

of feedstock coal. has 80% fossil carbon content, and 20.8% to 23.6%

of it is consumed during the medium Btu coal gasification fuel cycle,
(see Table 3.14) , the total fossil carbon consumption o the cycle

ig between 0,1664-0.1888 tons per 18.34x10 to 1? 01x16 Btu delivered

to end users . This translated to 0.009 to 0.010 tons of fossil carbon
per 10°Btu.
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Table 3.16 Water Consumption of Synthetic Fuel Energy Systems (Generic
LIn_gallQnnggx;lOG Btu product delivered to end user)

1 2 3 4
Coal Gasification Coal Liquefaction
Medium-Btu High-Btu Direct *rdirect
Mining®rP 0.6-0.9  0.6-0.9 0.6-0.9 0.6~0.9
BeneficiationC 1.2 1.2 1.2 1.2
Transportation to
Conversion Plant : o © o 0
Conveasion w
Fuel 13-24 13-24 7-26 13-26
Upgrading and
Refining © ° o — -
Distribution to
End User o o ° e

SOURCE: E. J. Bentz & Asscciates

5 6
0il Shale Retorting

Surfacer Modified in Situ

0.7-1.1 0.7-1.1
0 o
0 0
9-32 9-13
24 24
° 0
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Notes to Table 3.16

The water required for mining-and preparation of the coal or shale

and for the disposal of ash or spent shale is a function of location,
mainly through the amount of material that must be mined or disposed;
and the degree of attested surface reclamation. Assuming 2/3 of coal
is surface-mined and 1/3 is undergroundd mined, water -consumption

for surface mining ranges between 0.55 and 0.98 gallens per 10°Btu
of product, and for underground mining - 0.75 gallons per 10°Btu

of product (Reference No. 17) . .

Assume 2/3 of oil shale is surface mined and 1/3 is underground mined:
Water consumption or both kinds of operations range between 0.7 and
1.1 gallons per 16 Btu of product (Reference No. 17).

Consumption of 1.2 gallons of water 10° Btu Of product is assuned
for beneficiation of coal (Reference No. 17) and none for shale oil.
Consumption of water for the conversion of feedstock to fuels depends
principally on the overall plant conversion efficiency, degree of
water recycling, and the water content of the coal or shale. Consump-
tion figures range from 13-24 gallons per 106 Btu of product for coal
gasification; 7-26 for direct coal liquefaction; 13-26 for indirect
coal liquefaction; 9-32 for surface shale retorting; and 9-13 for
modified in situ shale retorting.(Derived from References 17, 37b,c)

Water consumption for upgrading and refining is not available in the
literature. The estimates presented for shale oil upgrading are based

on private conversation with Mr. Bobby Hall and Ray Young of the

American Petroleum Institute 3/81. For shale oil - 100 gallons per
barrel are needed to make the raw shale oil suitable for pumping,

and 40 more gallons per barrel to comvert it to tramsportation fuels.
Polling of a large number of oil companies and API experts did not result
in water consumption estimates for upgrading of coal liquids (namely:

Robert Howell, Bonner and Moore, Fred Wilson Texaco, Patton, Nanny,
Hall and Young of API - 3/81) . :
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Mining®

Beneficiation5

Transportation to
Conversion Plan

Conversion to
Fuelb

Upgrading and
Refining
Distribution to
End User®

* These are the guantities of coal,

Table 3.17* Annual Feedstock Requirements for Generic Synthetic Fuel Energy
Systems Producing 50,000 bbl Oil Equivalent per Day to End User

(In millions of tons or barrels of oil)

Coal Gasification Coal Liguefaction 0il Shale Retorting
Medium-Btu High-Btu Direct Indirect Surface Modified in Situ
5.6-5.8  5.0-8.1 7.29.8 8.2-10.3 62.2-62.7  N.A.’
5.4-5.6 7.8 6.8-9.4 7.9-9.9 60.5-60.6 N.A.7
5.3-5.5 7.7 6.7-9.3 7.8-9.8 60.2-60.3 N.A.

18.9  18.8 19,4-24.6 18.5-19.4 24,0 24.0

18.8  18.8 1=5 18.5 18.5 18.5

18.3  18.3 18.3 18.3 18.3 18.3

SOURCE: E. J. Bentz & Associates

shale or equivalent oil leaving @le indicated phase of the fuel cycle.
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Notes to Table 3.17

Same assumptions and references as those in Table 3.14.

0il has energy content of 5.8 x 10°Btu/barrel.

Coal has energy content of 24 x 10°Btu/ton.

0il shale has energy content of 3.45 x 10°Btu/ton (based on 25

gallons of oil per ton)
Tons of coal or shale.
Barrels of oil equivalent.

N.A. is not applicable.
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Mining
Benef iciation

Transportation to
Conversion Plant

Conversion to Fuel
Upgrading and
refining

Distribution to
End User

* Sam assumptions and references

Table 3.18* Annual Water Consumption of Generic Synthetic Fuel Energy

Systems Producing 50,000 bbl 0il Equivalent per Day to End User
(In million gallons pervear)

Coal Gasification

Medium-Btu High-Btu

64-95 64-95
130 130
o 0
1400- 1400-
2500 2500
o 0
o] 0

SOURCE: E. J. Béntz &Associates

Coal Liguefaction

Direct Indirect

64-95 64-95

136" 130

0 0
740~ 1400-
2800 2800

0 0

as 1n Table 3.16.

0il Shale Retortirg

Surface Modified in Situ

74-120 74-120

0 0

0 0

950~ 950-
3400 1400
2500 2500
Y0 0
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Table 1 Footnote to Chapter 3:

1
Coal Gasification

Medium-Btu-High-Btu

Manpower Requirements of Generic Synfuel Plants
Producing 50,000 Barrels of 0il Equivalent per Day

2
Coal Liquefaction

Direct & Indirect

Peak Construction {men) 1,500-4,8002
Construction
(man-years) 3,400 - 10,8002

Operation and
Maintenance (men) 320-5002

4

2,200-8,000P

7,500-25, <ogb

355-3800C

+

3

4

0il Shale Retorting

Surface Modified in Sita

3304

11004

12009

4,9004

16,0009

a pOE, 1980, Comparative Assessment of Health ahd Safety Impacts of Coal Use. DOE/EV 0069.

b The lower value is derived fram DOE/EV 0069; ¢ e upper value — from Reference 34.

C The lower value is derived fram Reference 29 ; “ e upper value ~ from Reference 34.

d

man-years labor requirements (Reference 34).

SOURCE: E. J. Bentz & Associates

Derived fram Reference 17 and assuming 5 year construction of plant peaking at 30% of © w 1
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CHAPTER 4 :

Section No.

4.1

4.2
4.3
4.4
4.5
4.6

4-7

4-8

SYNTHETIC FUEL PROCESSES CONVERSION

AND PRODUCT ECONOMICS

Conversion Costs and Product
Economics . . . . . . v . 4

Scale of Production . . . . .
Product Quality . . . .+ . . .
Estimating Methods. . . . .+
Product Upgrading . . + « . &

Refining synthetic Liguids. .

Transportation and Other Infra-

structure Costs

Addendum to Chapter 4: Basis for

Cost Assumptions

1. Basic Conversion Plant.
2. Assumptions of Product
Upgrading . . .

3. Refining Cost Assumptions .O
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4.1 CONVERSION COSTS AND PRODUCT ECONOMICS

The following evaluation of a wide range of alternate fuels
produced from coal attempts to build upon prior work in the field
that has, successively, estimated the plant construction and operat-
ing costs for each process, standardized the bases of estimation
(time of construction, size of plant, location, flnan01ng methods,
etc.) and evaluated the quality of product produced

Such work has been sponsored by the Departmert of Energy since
the early 1970's. The most recenht work was performed by the Engineer-
ing Societies Commission on Energy, Inc. (ESCOE). That work col-
lected prior analyses performed for DOE and others, made adjust-
ments in each to account for differing assumptions regarding input
prices, plant scale, financing methods and costs, and thus reevalu-
ated them on a more common basis. The differences in product qual-
ity were factored for value based on current price relationship
among natural petroleum products.

Our approach will differ in several regards:
First of all we shall use the baseline ESCOE'plant models,

capital costs and operating cost relationships, updated to
a uniform 1980 dollar basis.

Second we shall scale all plants to a common!output plant .
size in order to retain comparability at other, down- -
stream stages of processing and use.

Third we shall deal with differences in prodict quality
directly, and on a cost of product basis, by considering
the additional costs required to upgrade lower quality
products and make them comparable with the higher grade
synfuels.

Fourth we shall then examine the methods and costs of fur-
ther processing and transporting the generic synfu._el pro-
ducts to make them available to end use markets.

The ESCOE capital estimates were all adjusted to a 1980
dollar basis by the use of the Wholesale Price Index - Indus-
trial Commodities Index. Others have frequently used the Chemical
Engineering Plant Index, however we feel that no significant his-
torical difference exists and the WPI Index basis. is a more suit-
able bench mark for further forecasting since it is a component

"coal Conversion Comparison, ESCOE Report FE-2468-51, July, 1979.

2ESCOE scaled all plants to a common input size in order to simplify
the costs - auxiliaries and off-sites are normalized.

e did not examine differences in end use efficiency that exist

or are possible. This should be subsequently examined.
a-1 " ejbsa
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of Us. macro-economic forecasting models and the Chemical Con-
struction Index is not.

Exhibit 4-1 displays the original capital cost estimates of
ESCOE. Exhibit 4-2 updates these estimates to a uniform 1980 cost
basis. )

Operating costs are more complex. The major cost categories

are:
+ Coal
+ Utilities
Water
Power

. Catalysts and Chemicals -
+ Labor

» Overhead

» Maintenance

Coal prices are uniform to all processes - as are assumed costs of

water, power and labor. The costs of overhead are a uniform frac-

tion of operating and maintenance labor - they include administra-

tive personnel costs as well as G&A expenses. The maintenance rule
is made uniform among systems-although dlfferences should exist on

the basis of system approach.

The original ESCOE operating cost variables are shown on
Exhibit 4-3. These unit prices provide the bases for updating the
ESCOE costs to the values shown on Exhibit 4-4.

The cost of producing hydrogen for product upgrading is par-
tially imbedded in other estimates. The uniform condition is that
hydrogen is demanded at a greater level then could be supplied from
excess char, residue, or filtrate from the process plant. There-
fore a hydrogen plant must be built at the upgrgdlng plant site.

This plant is designed to reform synthesis gas.. The cost of hydro-
gen can then be based on the hydrogen plant’s costs - including
syngas feed at the estimated syngas product costs of our companion
syngas plant. Alternately we could capitalize a coal gasification
plant in this area, however that seems to be an even more unrealis-
tic mode of system optimization.

In the long run, as product slate demand for synthetic coal
liquids becomes clarified, the optimization of an integrated coal-
to-product plant can be designed in a much more sophisticated
manner. )

4The input costs were in certain instances drawn from original
sources cited by ESCOE.

or reform synthetic fuel product - the cost is comparable $6.25 -
6.75/MM BTU. :
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EXHIBIT 4-1
PLANT CAPITAL REQUIREMENTS

Categoxry

Process

Coal Preparation
H, or Gasification
0, Plant

Gas Shift

Acid Gas and Sulfur
Plants

Reactor Section
Convexsion

Gas Plant
Flexicoker
Pollution Systems

Solvent Hydro. orxr
Catalyst Prep.

Compression

Total less Int.
Including Indirects

ON-STTE PIANT COST IN MILLIONS OF MID 1978 $
West.
SRC-I1 EDS H-FO H-Syn. FT M Lur. Syn.
63 63 84 84 63 63 90 63
253 190 138 158 228 228 143 22
129 - 67 87 117 175 114 80
" - 30 35 - 40 30 "
60 60 57 57 57 57 136 57
195 180 140 210 55 106 9o -
- ~ - - 100 75 20 42
30 - " 30 25 25 10 12 -
- 160 - - - - - -
44 44 40 40 40 40 55 24
- 82 - - 3 - - -
- - M H H - 28 -
1262 1270 955 1134 1121 1212 1151 684

Notes: 1. M includes HF Alkylation.
2. Some EDS cost included in Flexicoker.
3. All costs shown above are considered bare cost and have not been

confirmed with process developer.

SOURCE: E. J. Bentz & Associates
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TOTAL CONVERSION PLANT INVESTMENT - 50,000 BBL LIQUIDS/DAY PLANT BASIS

EXHIBIT 4-2

Coal Liquids
Direct Liquefaction
SRC-IT

EDS

H~Coal Syn. 0il
H-Coal F.O.

Indirect Licuefaction

Fischer/Tropsch
Mobil 'M!
Methanol
Methanol /SNG

Coal Gasses

High BTU
Iorg:r

Iow BIU
Westinghouse

Shale 0il
Surf. Retort.

2

(Million 1980 Dollars)

Capital
1 50,000 BBL/ Capital Total Cost/ References
ESCOE Basis ESQOE Basis Day Output Cost/ BTU MM BTU/ Tons of
1978 $ 1980 $ Basis bDailv BB, El4/Yr. Yr. Coal /Day
$1,262. $1,565. 1310.8 $26,210 1.081 $12.13 20,938
1,279. 1,574. 1422 28,440 1.072 13.26 22,584
1,134. 1,407. 1252 25,040 1.115 11.23 22,242
955, 1,185. 980.9 19,620 1.048 9.36 20,695
1,121. 1,391. 1730 34,600 1.112 15.56 31,095
1,212, 1,676.! 1396.4 27,930 8016 17.42 20,833
1,195. 1,482.2 608.4 12,170 .428 14.20 10,263
1,587. 2,225, 2132.9 42,650 +905 23.57 26,174
1,151. 1,427. 1313.1 (26,260)>  1.0673 12.30 23,000
684, 851. 889.5 (11,790)3 1.0673 5.58 17,313
4 T e " 9535
700. 798, 798. 15,960 .953 11.93 N.A.

]‘ES(DE - 25,000 tons coal/day input basis revised to reflect 20% contingency vs. 10% and 1980 dollars.

Mobil Research Center Basis - $ 1977 - 27,300 ton coal input revised $ 1980 and 1.73% markup of plant.

(1.067 E14 BTU /fyr.)

4(II‘A Basis - 3rd quarter 1979, 50,50 bbl. basis.
5Evaluated at average daily value of 5.8 MM/BTU/bb1,
SOURCE: E. J. Bentz & Associates i

. 3Evaluated at average heating value of coal 1 quids 6.5 MM/BTU/bbl, x 50,000 bbl./day = 325 billion BTU/day
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Process

SRC-I

SRC-TI

EDS

H Coal: Fuel Oil
Syncrude

FT

Methanol
M-Gasoline

G0, Acceptor SNG
Syngas

HYGAS

BIGAS

Synthane

Tuargi |

CE Power

West Power

Westinghouse
Syngas
Shale 0Oil

EXHIBIT 4-3

COST =ATA
ESCOE)
OPERATING & MAINTENANCE (QOST. Total
‘Capital Fuel <catvaiyst & Chem. Lapor Malntenance Local 1ax & Ino. M

C 1 2a 2b 2c 24 2
1092 246. 3.0 13.8 33. 55. 104.8
1262 246. 6.0 12.2 38.2 3. 119.0
1270 246. 6.0 12.2 38.5 64. 121.©
355 246. 6.0 12.2 - 29, 48. 95.c
1134 246. 7.0 12.2 34.3 57. 11l.o
11231 246. 7.0 , 12.2 34. 56, 109.<
1195  246. 7.0 12.2 34. 60. 113.2
1212 246. 8.5 12.2 35.5 65. 121.0
1084 246. 5.9 12.7 34.6 54. 107.0
942 246. 3.2 12.7 22.5 47. 73.0
980 246. 4.8 12.2 23.4 49. 69.0
998 246. 5.8 12.2 23.9 50. 91.9
870 246. 4.5 12.9 24.3 44, 82.0
1151 246. 4.5 12.7 36.7 . 58. 112.o. .-
1268 246, 3.0 12.0 38. 63. 116.0
1066 246. 3.0 12.0 32. 53. 100.o
684 246. 4.5 12.2 20.5 34.3 71.4
798 H H H -

SOURCE: E. J. Bentz & Associates
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ANNUAL OPERATING COST - 50,000 BBL LIQUIDS/DAY PLANT
(Million 1980 Dollars)

Feedstock Other Operxatina Costs
: aLaLyoLs o ’

Synthetic Chems. Maintenance Utilities & - Taxes & Total Average

Coal Capital Charges Coal {Shale) {escalated 3% of Total Supplies Ins. Total Operating Cost/ Cost/
Liquids @ 30% of Capital @ $30/Ton (0) @ 208)  Labor  Capital  (50% of Chem.) 3% Other Cost  BBL Lig. MM/BTU
Direct '

Liquefaction

SRC-1X 393.2 206.3 6 11.9 39.3 3 39.3 99.5 699. 42.557 6.47
EDS 426.6 222.6 6 13, 42.7 3 42.6 107.3 756.5 46.058 7.06
H-Coal S 375.6 219.2 7 12.7 37.6 3.5 37.5 2i2.6 807.4 49.157 7.24
H—Coal F.O. 294.3 201.9 6 11.8 . 29.4 3 29.4 79.6 577.8 35.178 5.51
Indirect

Llﬁfaction

Fischer- .

Topsch 519. 306.4 7 17.7 51.9 3.5 51.9 132. 957.4 58.29 9.61
o~ Mobil 'M' 418.9 205.3 7 il1.9 ! 41.9 3¢5 41.3  106.2 730.4 44.469 9.11
o Methanol 182.5 101.1 3.5 5.9 18.3 ] 18.3 4. 331.6 20.189 7.75

Methanol/SNG 639.9 256.9 6 13.7 64.0 3 64. 150.7 1047.5  (63.775) 11.57
Synthetic Gas

Hi BIU .

Lorgi 393.9 226.7 4 13.7 39.4 2 39.4 98.5 719.1  -43.78) 6.74
Med. BTU

Westinghouse 266.9 170.6 3 10.3 26.7 1.5 26.7 68.2 505.7 (30,788) 4.74
Shale 0il

Surf. Retort, 239.4 230.0 - - - - - 322.3 791.7 48.20 8.31

SOURCE: E. J. Bentz & Associates
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4.2 GSCALE OF PRODUCTION -

Chemical process plant economics are highly sensitive to
gcale. Typical scaling factors or rules, are of the order of
60% -70%. This means that as plant size doubles the cost only
increases by 60% - 70%. In the case of decreased scale - the -
factor works in the opposite direction, a decre&se in scale to
1\2 plant scale leads to only about 1\3 decrease in cost, which
in turn leads to almost 30% more capital being required per umit
of output. In very capltal intensive processes, the importance
of this to product cost is great. Coal conversion processes
typically have 1/2 of their costs derived from capital charges,
therefore a doubling of scale could reduce total unit costs by
as much as 15% - 20%. i

For this reason the,questlon of plant scale must be very
carefully examined. ESCOE, in ordering the various estimates to
the values shown in Exhibit .4-1 applied “typlcal chemical engineer-
ing scaling factors”. It is beyond the scope of the present effort
to audit that undertaking. However, it is incumbent upon us to
avoid the distortion of fairly presented unlform cost data by
another exponential adjustment of capital costs.’ We must rescale
the liquids’ plants since they have been standardlzed on an ‘input’
basis, whereas we must examine costs on a plant ‘output' basis,
since we are also examining downstream processes and costs, which
in turn require uniform scale assumptions.

Several difficulties are present:

1. The optimal size of plant and vessels for various
systems is not kmown, due to the fact that most
processes are now being explored at 5 - 10% pilot
plant scale.

2, In a shift from uniform input scale to a uniform
output scale, the most efficient processes will
suffer the greatest penalty for their relative
downsizing. This is not realistic.

3, We. are not aware of the relative changes that took
place in the initial (ESCOE) standardization, hence
are blind to the compound effect of a second scal-
ing adjustment. .

For these reasons, with the emphasis upon the above factors, in
order of their ranking, we have chosen to restate costs on an
output basis through a linear method of cost adjustment.

The principal justification for this apparently unsound pro-
cedure is found in the first factor above - there is no evidence
of commercial scale economy available in the case of any pro-
cesses, with the exception of ga51flcatlon plants (or gasifier
reactors) . In that case, multiple train plants appear at sub-
commercial plant scale. In general, the bulk of the solid feed
stock is so great, that initial reactor vessel sizes become

4_% ejb&a
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limited by available fabricating (rolling, bending, heat-treating)
facilities, as well as transportation constraints. Subsegquent
plant stage economics do not determine. The gasifier-reactor
vessel size limitations are such that returns to scale may be
limited at a relatively low level of output.

For this predominant reason, we have used a unitary cost
scaling factor to shift from uniform input sized plants (25,000
tons of coal per day) to a uniform output basis' - 50,000 bbl.
per day. A normal procedure would otherwise unfairly penalize
the most efficient processes. In the final analysis, efficiency
will determine eccnomic advantage.

4.3 PRODUCT QUALITY (Reference No. 38)

The issue of product quality was resolved in a somewhat in-
direct mamner by ESCOE. Their ‘rating scale’ value system (a mea-
sure of ordinal utility or wvalue) which was based on present pro-
duct price relationships is not a suitable method for long range
economic analyses. During the long-run,. values change, end use
patterns and conversion technology developments can create a sur-
plus of a once premier product, or contrariwise, create a shortage
of a previously unwanted by-product. Distillates and gasoline have
traded places once and are perhaps posed to trade places again in
their relative values.

The setting of widespread synthetic fuels production and use
creates an entirely new framework for evaluating the ‘normal re-
finery slate of petroleum derived products. We have created a
slate of products that to some degree reflects the range of com-:
pounds. present in crude oil and in some degree reflects the tech-
nology (now) available to separately produce these compounds. In
some instances the products were specifically sought, in other
cases markets were sought for by-products that were available.

When coal is introduced in lieu of crude oil to a substantial
degree, the available range of products and by-products may be
the same, but the proportions of availability will be quite dif-
ferent, as will be the cost of producing different fractions. *

The proportion of each fraction that can be derived from
crude oils is highly variable depending upon thé nature of the
feedstock and the nature of the refining processes used. In gen-
eral, increasing the lighter fraction (-350°F) involves more severe
reforming, and higher cost. The use of a heavy, sour feedstock
crude oil worsens this condition. The use ‘of coal as the feedstock
significantly exaggerates this condition in certain synthetic pro-
cesses - such as direct liquefaction. Indirect  liquefaction pro-
cesses are specific for alcohols, gasolines and the light ends.

It is reagonable to visualize a population of crude oil and
coal ‘“refineries” with individually more specialized or limited

4-8 ejb&a
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product slates than are found in the universe of conventional re-
fineries,

Broad slate coal synthetic liguids plants are unlikely to be
widely deployed. This can be expected for several reasons:

1.  Product upgrading is difficult and expensive once out-
side of the basic process.

2., A fair range of limited slate coal-conversion processes
are becoming available, that more selectively produce
various fractions.

The costs of achieving a given level of product quality increases
in a slightly non-linear fashion as the percent hydrogen is in-
creased or the boiling range is lowered. Exhibit 4-5 shows this
relationship graphically. Benchmark products and costs are shown
for several direct and indirect liquefaction processes. The in-
direct processes - which catalytically synthesize liquids from
synthesis gas are specific for gasolines, alcohols and LPG. The
direct catalytic hydrogenation processes tend to produce naphthenes
and crude oil equivalent range compounds. The hydrogen solvent
systems tend to produce a more limited range of product with a
substantial (20 - 35%) naphtha fraction, the majority product in
the distillate boiling range (350°F - 750°F).

Increased yield of the higher quality producﬁs can be achieved
by:
. Increased coking of bottoms
+ Adding more hydrogen
. To process stream
‘ » By hydrotreatment of products
The cost of the former is seen in the difference between SRC
II and EDS on Exhibit 4-4. The Exxon donor solvent system cokes

the bottoms (or heavy distillates) to yield more naphtha and LPG
as follows: ‘

SRC II - 'EDS

(18%) 13,000 bbl Naphtha : (36%) 27,500 Naphtha

( 8%) 6,400 bbl #2 Fuel 0il (15%) 10,000 LPG

(73%) 52,900 bbl Distillate (49%) 37,200 bbl Distillate
72,300 ":75,400

Similarly changing the H Coal process from a fuel oil to a synthoil
mode increases cost as it lowers the average boiling range.

The distribution of product gquality that is typical of each
process is shown on the following page. (Exhibit 4-5).

4-9 , ejb&a
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EXHIBIT 4-5
SYNT* ETTC PLANT PRODUCT YIELDS
QUANTITY - BBLS/DAY OUTPUT

Direct Liquids Indirect Liquids Synthe]jic Shale
Gas 0il
H H Coal Meth- Shale
Apprax. Coal Fuel Fischer/ Mobil Meth~- anol Iargi West. Bit.
APT SRC-IT EDS  (Syn.) 0il Tropsch ™' anol SNG H BIU Lo BTU (Surf.)
SNG (Low) MM )
BTU/Day 880
Methanol (High)
" MM BTU/Day 140 30
LPG 125° 4,610 23,380 6,080
Propane (Cj) 148° 2,950 '
Butane (C,) 110° 3,160
Methanol NA . 50,000 48,740
wsoline (Cc) 62° 82,640 43,920
Naphtha (C_.) 40° 10,625 17,97°© 28,380 15,070 1 1,260 2,025
S5t 1,490,
2,490
Fuel 0il (Heavy o 4
D;Lstl;late) .- 18 + . 35' 000 21{620 34'93° S e et Toer s e 50,000
Fuel o~ (Resid. 50 25,920

1. . . 2 .
3L1ght (Diesel) Fuel 0il API-SBO , Heavy Fuel 0il API—41°.

1.067 E14 BIU/yr. is equivalent to 50,000 BBL/day of typical Synthetic Liquids £ 6.5 Million BTU/bbl.
Synthetic light crude oil equivalent - approx. 20° ApI.

SOURCE: E. J. Bentz & Associates
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The range of quality is not entirely a function of the API gra-

vity, the boiling range or hydrogen content, however, these related

indices are sufficient for our purposes. We can relate the cost of

producing a synthetic fuel to this scale. Exhibit,K 4-6 shows a graph
of the production cost of the whole liquid product: from various syn-
thetic processes versus the average (50% distillation) boiling range
of the synthetic product.

This chart shows the increase in average cost per million btu’s

as the average distillation range of the liquid is lowered. Thus
gasoline costs more to produce via indirect procesgses such as Mobil
‘M’ or Fischer Tropsch, than naphthas, distillates and fuel-oils.

This scale,illustrates the relative costs of the ESCOE liguid

fuel processes. It also contrasts the (1978) earlier ESCOE cost
estimates with later estimates of shale oil costs developed by the
Office of Technology Assessment (1980). The oil ‘shale liquids,
which reside in a higher boiling range than the coal liquids, appear
significantly more expensive on this scale. 1In order to recon01le
this discontinuity it is necessary to digress briefly.

4.4 BESTIMATING METHODS

The accuracy of complex systems cost estimating has been the

subject of several studies. These studies have been primarily be-
havioral rather than conceptual. As larger, more complex systems
projects have been conceived, -the amount of unknown and untried
system components have necessarlly increased due to the great cost
of large system prototypes. Pilot or process demcanstration units
and models are developed at extremely small scale for the same eco-
nomic reasons; the subsequent scale-up is of a high order. Esti-
mates drawn from bench or small scale pilot plants are subject to
much greater estimating error.

Two overriding conclusions have been reached in this matter:

1. Cost estimates tend to decrease in variation from actual
costs as the elapsed time between estimate and construc-
tion is shortened.

2. The accuracy of the estimate is related to the degree of
detail of the design engineering.

9 : 10
Chemical process plants,8 public works, ° and weapons systems

development and estimating histories have been analyzed, with

10

6Syngas (fuels) are not suitable related to boiling point measurement.
Tnpn Assessment of 0il Shale Technologies”, OTA - June 1980.

8

A Review of Cost Estimates-in New Technologies: Implications for
Enerqy process Plants, Rand Corp. for the Dept. of Energy July 1979.

9“Systematlc Errors in Cost Estimates for Public Investment Projects “,

Hufschmidt & Gerin, in The Analysis of Public OQutput, Columbia Univ.
Press 1970.

The Weapons Acquisition Process: An Economic Analyses, Peck & Scherer,
Harvard Univ. 1962. K
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EXH:Z3 T 4-6

50% Boiling Point SYNTHETIC FUELS PRODUCTION COSTS
°°5’°g° F ORIGIONAL(ESCOE BASED) ESTIMATES-RAW LIQUIDS
1000
o
8oa *Shals
H-Fo
[ ]
600°
- ' }
o SHC e *H-Sy\)
400 .

EDS

AN %

L)
Meth

o1} UU .00 .00 10,00 12.00 14.00
COST PER MLLION BTU($1980) 16.00 18.00

SOURCE: E. J. Bentz & Associates, Springfield, Virginia
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essentially the same range of variances found between early esti-
mates and actual results - growth in costs have occurred of the
order of 2-3 times the original estimate. The average of actual
to estimated costs(%%) , were found to be as follows:

Actual Cost/

System Type Estimated Cost (Ratio)
Weapons System 1.40 - 1.89
Public Works ' 1.26"° - 2.14
Major Construction 2.18

Energy Process Plants 2.53

The weapons system cost overruns were higher in the 1950’s (71.89) than
in the 1960’s (1.40) most likely, because of the greater degree of
pioneering efforts and the greater lack of experience with large wea-
pons systems at that time.

Exhibit 4-7 below shows the cost growth experience in pioneer-
ing energy systems as a function of the type of estimate employed

(or available at that time). It can be seen that the preliminary
estimates were nearly double that of the initial estimates - (84%

above the first estimate) and the definitive estimates increased
almost as much again from the preliminary estimates (134% above.the
first, or 50% above.the preliminary estimate)

The ESCOE data were largely taken from preliminary estimates,
based on Process Demonstration Unit (PDU) development experience,
in one or two cases from pilot plant experience (at less than 1%
scale) or from foreign commercial experience under different site
and environmental conditions. The OTA shale oil values were de-
rived from a very highly definitized engineering analysis. The
degree of evolution which that estimate had undergone can be seen
on Exhibit 4-E.

If the other ESCOE liquid synfuel plants were to increase by
as much as have typically occurred between preliminary and defini-
tive estimates, the costs would increase by about another 50%.
That would result in a shift of the cost line on Exhibit 4-6 as
shown on Exhibit 4-9.

Such an interprelation of the quality of the ESCOE estimates
would resolve the discrepancy between the ESCOE estimates and the
OTA estimates (for oil, shale liquids) and producé a more continuous
scale of synfuel cost relationships. '

An alternative method of calibrating the various estimates for
consistency with respect to the status of process estimates as well
as the methods employed in the estimating process? ~would be to select

llAverage increase from preliminary to definitive cost estimates
for energy process plants.

12 Reference 3.

4-13 ejb&a
DEQ 003001



YL-P

ey qgfle

MULTIPLE OF INITIAL ESTIMATE

® ESTIMATION POINT. BARNWELL A
*PLANT START-UP DEGAN SEPTEMBER, 1878, REPAOCESSING
SPLANT FAILED TO OPERATE. - {82}

“PLANT START-UP INDEFINITELY DELAYED DECAUSE OF REGULATORY PRONLEMS.
“INITIAL ESTIMATE NOT AVAILABLE. )
SHELL " PLANT [4AS FAILED TO ACHIEVE SUSTAINED OPERATION.
TAR SANDS "PRELIMINARY ESTIMATES.
INITIAL ESTIMATE NOY AVAILABLE. : GE
"YHIAD ESTIMATE IS STILLA - REPROCESSING®
PRELIMINARY ESTIMATE. {4.1-5.8)

ELPASQ

1 SYNCAUDE LTD,
SNG

TAR SANDS®

OCCIDENTAL

=¥
ALE O
SHALE OIL , _ COLONY OIL d

£ SHALE
> WESCOD O

OREAT PLAINS

6NG
i) BALYIMORE
SOLID WASTE? L
,C\ i " : -
i 1
Nassne FUBLIMINARY BUDQGET DEFINITIVE

ACTUAL ADD-ON
TYPE OF ESTIMATE

EXHIBIT 4-7
COST GROWTH IN PIONEER ENERGY PROCESS PLANTS (CONSTANT DOLLARS)

Source: "A Review of Cost Estimation in New Technologies: implicatidns
for Energy Process Plants,", DOE, E-24-81, July 1979.
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Estimated cost {$)

EXHIBIT 4-8

HISTORY OF SHALE OIL CAPITAL COST ESTIMATES

25,000

20,000

15,000

10,000

5,000

A

= Estimates based on C.F.Braun
definitive engineering study

Estimated surface shale oil facility contruction costs
(capital ~ costs/barrel/calendur day; constant § 1977)
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a sub-set of processes that were developed on the basis of the same
level of engineering definition or maturity - preferably the most
advanced projects in this sense.

There have been more recent, updated design and estimating
efforts undertaken in the case of: -

1) Indirect Liquefaction - Mobil MTG. 13
2) Methanol13

3)High BTU Gasification14

4)Direct Liguefaction - H-Coal ¥

These estimating efforts are essentially ébmparable with the
(OTA) 0il Shale estimates in terms of the relative engineering and
development maturity of the process plants involved.

Exhibit 4-9 also reflects the liquid fuel costs of ‘generic”
synfuel processges based on the selected “best estimates” noted above.
These are not meant to be truly generalized processes (or generic
processes) , they are nonetheless representative, advanced members
of each synthetic liquid product class.

The costs of these processes are shown in detail on Exhibit
4-lo. .

The effect of using the latest, or best estimates is approxi-
mately the same as was achieved by the use of the Rand Corp. (and
others) cost estimating error factors. The original ESCOE values
are increased by about 50% on average.

The satisfactory conjunction of factored cost estimates arrived
at by the use of statistical variances derived from past estimating
histories with the “generic” estimates taken from the most advanced
projects, gives us an improved measure of confidence in the adjust-
ment of ESCOE synfuel production costs to the higher levels dis-
played on Exhibits 4-9 and 4-10. The revised functional form of the
liquid fuels is displaced to the right on Exhibit 4-9 by about $3.00-
$4.00 per million BTU’s. The relative costs are not appreciably
affected considering the probable differences in residual (estimat-
ing) error contained in these estimates. It seems most reasonable,
however, to presume that the majority of the estimating errors have
been accounted for, and the values we are employing are normalized
to the greatest practical degree possible at the present time: i.e.,
barring further engineering or demonstration plant design and con-
struction experience.

13
14

Ligquefaction Technology Assessment - Phase 1 ORNL-5664 Feb. 1981.

Unpublished Analyses
15Rand Corporation - Unpublished Analyses.
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EXHIN T 4-9

SYNTHETIC FUELS PRODUCTION COSTS
FACTORED COST ESTIMATES-GENERIC RAW LIQUIDS

50% Boiling Point
Degrees F

1000°
ORIGIONAL

o (ESCOR)

800 Shale
~
~
H-Fo A .
[ ] .\

600°

o SREC e ®H-Sy:
4,00 -

EDS
BEST AVAILABLE
200° . - (GENER]C)
\\\\\ N Indirect
L J - - .
Mot ¥/ . .
NSTATISTICAL
{RAND CORP
84 .00 6.00 8,00 2 o 12.00 14,00 6.0
COST PER MILLION BTU(% 980)
SOURCE: E. J. Bentz & Associates, Springfield, Virginia

18.00
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EXHIBIT 4~ 10
BEST AVAILABLE ESTIMATES - TYPICAL SYNFUEL PROCESSES

Revised Revised Other* Cost Cost
Capital Capital Capital Feedstock Oper. Total Per Per M C(Cost
BEst. Est. Recovery Cost Costs Revised Barrel  BTU 1 Gal.
$ 1979 $ 1980 @ 30% {(Fram 4~4) (From 4-4) Estimate § 1980 $ 1980 $ 1980
Direct Liquids '
H Coal (Synfuel) $2,200 52,200 $ 660 $219.2 $212.6 $1,091.8 $66.47 $ 9.79 $ 1.58
Indirect Liquids
Mobil MIG (Lurgi) 2,685 3,054 916.2 205.3 159.8 1,281.3 78.01 16.18 1.86
SNG/Methanol (ICI- L
Targi) _ 1,843 21,035 631.1 256.9 160 1048 688. 11.88 15.53 1.00
SNG 360.
High BTU Gas
Iargi (BEC) 1,600 1,820 546. 226.7 113.7 886.4 - 8.30 -

*Adjusted for capital cost changes.

SOURCE: E. J. Bentz & Associates ’
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The H-coal process (in the synfuel mode) has been used as a
surrogate for direct coal ligquids. Updated estimates of an un-
published nature were used that draw from the cumulative pilot plant
histories and the most recent demonstration plant estimates. The
Mobil Methanol-to-Gas (MTG) and methanol estimates were drawn from
a recently published study by Fluor Corporation f£&r Oak Ridge Na-
tional Laboratory of indirect liquefaction processes. The study
provided a (nearly) 100% gasoline option which v1rtually eliminates
the by-product costlng problems. The methanol estimates were
Menthanol/SNG  joint production process schemes. .The systems could
have been adjusted in keeping with the 100% gasoline MTG process
scheme by eliminating the direct costs of methanol to gasoline stages.
Alternately the by-product value of SNG could be directly priced by
using the high BTU gas plant costs from the SNG estimate below.

Both synthesis gas processes are Lurgi systems. '

The SNG process estimate was taken from unpubllshed estimates
drawn from advanced commercial de31gn and estlmatlng efforts. An
advanced Lurgi gasifier - the British Gas Corporation slagging bed
version - is used.

The costs of direct and indirect liquids - increase by about 50%
- to remain in approximately the same relative cost relationship that
the ESCOE based data displayed. The hi-BTU gas estimates only in-
creased about 25% above the earlier ESCOE values. . This appears to
be reasonable considering the relatively more mature status of (Lur-
gl) gasification technology. "~ The OTA oil shale liquids estimate of
$48.20\bbl reflects the precommercial stage of development. The
. level that we are attempting to standardize at, versus the develop-

ment stage of the foregoing direct and indirect liguid systems.

Continuing Cost Escalation

The earlier analyses of Rand Corp. and others suggested that
the potential cost increase from even a definitive estimate to the
actual project costs of pioneer plants and major developmental
systems is typically another twenty percent increase in cost. We
can add that increment to arrive at an upper value for all systems.

There have been and continue to be other relevant post-commer-
cial trends of commercial series production plants that were not
considered by the authors of the cost escalation - studies cited
above.

Historical data regarding the chemical process industry and
petroleum refining industry demonstrates a strong pattern of capi-
tal productivity improvement or technology advance, during post-
development years. This can be demonstrated for the entire sector
as well as in the micro-industrial setting of a single chemical
industry segment.

A capital productivity rate of less then 2%/year can return
the 20% (actual cost to definitive cost estimate potential increase
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during the first 10 years of commercial deployment. In 20 years at
least a 35% redulGCtimlin the capital outlay per barrel of product
can be expected.

These two viewpoints provide us with minimum and maximum esti-
mates of the most probable range of expected production costs for
synthetic fuels. Exhibit 4-11 illustrates the range of expected
values for synfuel liquids based on these estimating limits.

This scale 0f values will be used to provide individual pro-
duct (or by-product) costs. The presence of a gignificant amount
of petroleum in the total supply equation, for as far as we can
see, creates many cost and pricing complexities. We do not wish to
complicate synthetic fuel supply economics with World 0il Price dis-
ruptions, or any free-market or administered market conditions. We
will close our eyes to all of these dimensions and construct our
cost schedule on the basis of coal based ligquid, gas and solid fuel
options or opportunity costs.

16This rate (1.4%) has been experienced by the*éntire chemical in-

dustry throughout the entire post war period (1949 to date).
Specific industry sectors have experienced much greater rates

of productivity improvement; viz, synthetic methanol experienced
more than a 4% / year productivity gain for over 20 years.
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EXHIBIT 4-11

50% Boiling Point SYNTHETIC FUELS PRODUCTION COSTS
Degrees F FACTORED COST ESTIMATES-GENERIC RAW LIQUIDS
1000°
o MIN BEST MAK
8oo ohale \
\ ~
~
|
~

600° - \ R

12¢
~

4,00 \
N
P~
~- ~
20()Q L ~— -—
) Indirect
o
\
\STATISTICAL
(RAND CORP)
Y .Vu QaaUyv C.uv V.00 12.00 Th.00
COST PER MILLION BTU(§1980) 16.00
SOURCE:

E. J. Bentz & Associates, Springfield, Virginia

18.00
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4.5 PRODUCT UPGRADING (References 39, 40)

The typical (direct liquefaction) coal liquids possess several
characteristics that require upgrading in order to:
+ Provide product stability

., Permit milxtlllre with conventional
petroleum liquids . . . or

. Permit common use of pipelines
and other infrastructure

The principal differences result from:

Lower levels of hydrogen - 9 - 10% versus 11 14% for petro-
leum and 11 - 12% for shale oils. "

Higher levels of heterocatoms in both liquids and shale oil
(nitrogen .and oxygen compounds] than are found in petroleum feed-

stocks.

The lower hydrogen and higher hetercatom conditions are resolved
together by hydrotreatment. Raising the hydrogen levels up above
10% results in the removal of most of the nitrogen and oxygen hetero-
atoms, and also decreases the aromaticity of the coal liquids and
shale olls. : :

The high aromatic content of coal liquids makes the naphthas
excellent high octane blending stock - however the high nitrogen
and oxygen percent (2 - 3%) in the heavy naphtha range requires the
use of fairly severe hydrotreatment to remove the diolefins and
heteratoms - which are present in the form of phenols and cresols

(oxygen) .

In the synfuel distillates the nitrogen level is higher and
results in unstable compounds with rapid gum formation, making
this a very unsatisfactory fuel unless upgraded.

There have been a succession of studies of synthetic liquids
upgrading processes sponsored by DOE. They have been conducted
on both shale oil and direct coal liquids. :

The principal measures examined include:

, Hydrotreating (Exhibit 4-12)
. Hydrocracking
. Fluid Catalytic Cracking
Catalytic reforming as well as hydrocracking are subsequently used

to upgrade (naphthas) to finished transportation fuels. (See Ex-
hibit 4-12 below)

ejbé&a
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Consideration has also been given to variation in the hydrogen
gource for hydrotreaters - the partial oxidation of raw coal ligquids,
reforming of refinery products and overheads, or outside gasses.

© Bn additional issue is the location of upgrading facilities;
at the coal liquids (or shale oil - retort) plant, or at a con-
ventional refinery, or both. .

The factors which favor the synthetic oil'plant location are:

. available residue for hydrogen manufacturing
v local upgrading permits common carrier transportation

+ upgraded synthetic product can be blended with petro-
leum feedstock (in pipelines and at refineries)

The factors that favor a refinery location fbr'upgrading are:

. Superior prospects for system optimization
. Availability of hydrogen from naphtha reformers

. Uses avallable refinery capacity idled by lack of
petroleum feedstock.

An alternative approach could be to perform a minimum amount
of upgrading at the synfuels plant to facilitate transportation and
storage, with product finishing and blending performed at a larger
refinery site. The coal liquids in general do not require further
cracking because they lie in the atmospheric gas-o0il and naphtha
range. The shale oils require cracking to produce more usable
product from the higher distillate range such as jet fuel and die-
sel 01ls. The heavy distillates from coal liquids; if heavily hy-
drotreated (to 11% H bywhcan be used as a feedstock for a fluid
catalytic cracker (FCC) where the product can be significantly up-
graded. ‘

Exhibit 4-13 illustrates the cost of upgrading various direct
liquid process cuts.

The raw liquids versus the upgraded liquids are compared below
in hydrogen content.

Raw Liquid ~ Upgraded
SRC Naphtha 11.33% 11.6%
SRC Distill. 7.71 % 11.0
H Coal Distillate 10.1 . 11.4
H Coal Fuel 0il 7.37 10.0

These cases cover the general conditions experienced by the
range of most direct coal liguids - the samples being drawn from
experimental laboratory investigations performed by Mobil Research
and Development Corporation upon SRC light and heavy fractions and
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EXHIBIT 4-13

DIRECT LIQUIDS UPGRADING COST
50, oo0 BBL) — 1980 §

¢ev

exqfo

S©OURCE: E. J. Bentz & Associates

SRC-IT H Coal Svn. Crude or Fuel 0il
Naphtha Heavy Distillate Naphtha Distillate Fuel 0il
AOperating Labor .0639 .0855 .0639 .086 .085
Maintenance 41606 $830 *1606 3409 593
Administration &
Support .0394 .0992 .0394 .077 .100
G&A .1828 .5757 .1828 .420 .585
.4467 1.3434 .4467 .992 1.363
Fuel .3517 .6691" .3517 .525 .154
Utilities .1089 .9716 .1089 .5717 .946
Cat. & Chem. .0194 .9829 .0194 1.650 1.358
Hydrogen -5586 6.836 .5586 2.390 7,355
_ 1.0388 9.4895 1.6386 5.142 9.813
Capital Recovery
(30%) 2.577 8.484 2.577 5.449 7.933
Total Upgradieg
Cost 4.062 19.32 4.0823 11.58 19.109
Product . )
API 37.5 24.5 Same as 25.7 12.5
H Content (wt %) 11.6 11.0 SRC II 11.4 10.0
BTU /1b. 18,500 18,780 Naphtha 18,970 18,400
Plant Tnvestment .
Total in Millior $141 $464.5 $141 $298 $434
$/BBL $8.59 $28.28 $8.59 $18.16 $26.44
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H-coal distillate and fuel oil fractions. This pretty well covers
the range of liguids produced by SRC and H-Coal (synfuel and fuel
oil mode) and can be extrapolated to the EDS case.

Additional work performed by U.0.P., Chevron and Suntech con-
firm the general upgrading needs and the best , approach - hydro-
treatment.

The plant investment required varies from $140 million dollars
for the mild hydrotreatment required of the naphtha cuts (C,-
400°F) to as much as $465 million for a hydrotreatment plant for
the heavy distillate or residual SRC fraction®and nearly that for
the fuel oil fraction of H Coal fuel oil process plants.

The average upgrading cost is about $2.00 per million BTU’'s -
varying from $4.00-to nearly $20.00 per barrel. The latter figure
represents an economic limit which suggests either a lower grade
utilization of the heavier products or a different refining app-
roach. ' : e

The direct liquids upgrading cost analysis_ can be compressed
to a single representative-or “generic” upgraded coal liquid.

The general costs of upgrading are shown on Exhibit 4-14:

Naphtha's $ 4.06
L. Distillates 11.58
Heavy Distillates ‘-~
Fuel 0il 18.21 (19.11-19.32)

Individual processes such as EDS SRC-II and H-Coal (fuel oil
mode) will differ in raw liguid base costs, but since the quality
of product tends to vary in a reasonable relationship to their
costs”, the costs of upgrading, which are increasly related to
quality, lend to cause a clustering of upgraded direct llguid
costs,

If we utilize the costs of H Coal production of raw liquids
developed above as a base, the ‘generic’ costs for upgraded pro-
ducts would be as follows on Exhibit 4-14. The estimated costs
of nearly $75.00 per barrel or over $12.00 per million btu's is
for a product that is equivalent to a high grade refining crude
oil feed.

The upgrading of shale oll to a suitable refinery syncrude has
been estimated by Chevron to cost $10.00 per barrel (in 1980
dollars) or $1.72 per million btu. If this is added to the cost ;
of raw shale-oil liquids at the retort, the total cost of shale !
oil ‘“syncrude” is: ‘

17SeeExhibit 4—6 above.

4-26 ejb&a
DEQ 003014



L-v

exgls

EXHIBIT 4-14

DIRECT LIQUIDS UPGRADED COSTS/BARREL

Naphtha

Distillate

Raw Liguid Cost
(per barrel)

Total Upgraded Fuel
Cost Per Barrel

Total Upgraded Fuel
Cost Per MM/BTU

{($ 1980)

Barrels/Day Cost/BBL
28,380 : $ 4.06
21,620 ! ©11.58
50,000

SOURCE: E. J. Bentz & Associates

Total Daily Cost

$115,223
252 360

$365,583 == $7.31 Avg.

66.47

$73.78

$12.30
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OIL SHALE LIQUIDS COST

($1.980)
Per Barrel * Per Million BTU
Retorted Shale 0il $48.20 | $ 8.31
Upgrading 10.00 1.72

$58. 20 : $10.03

These compare favorably with upgraded direct 11quefactlon production
in the ‘syncrude’ class as shown below:

SYNCRUDE PRODUCTION COSTS

($1980)
Per Barrel - Per Million BTU
Shale 0il $58.20 $10.02
Direct Coal Liquids : 21.12 18.5%
Shale 0il Advantage 12% | 9%

The shale oil has about a 21%-cost advantage asa refinery feed-
Stock. Thig is reduced to less then a 20% cost advantage on a
heating value basis. However heating values are not the princi-
pal criterion to be applied to refinery feedstocks - quite the
opposite - the lighter crude demands a premium. In certain in-
stances the coal liquid with higher aromatic content will be pre-
ferred, at other refineries the shale o0il, with a higher hydrogen
content, and a greater yield of distillate product will be sought.

Exhibit 4-15 illustrates how the process of upgrading shifts
the cost of oil shale and coal based synthetic crudes upward by
$1.75 - 2.50 per barrel.

4.6 REFINING SYNTHETIC LIQUIDS

The direct liquefaction and oil shale synfuels have to be
further upgraded to end-use product quality in order to be com-
parable with indirect liquid products such as methanol from coal
or gasoline from methanol (from coal). In a wider sense, this
is also desirable in order to achieve comparability with synthetic
natural gag (SNG) which can be used for a wide range of end use
applications in its ‘raw’ manufactured state.

The indirect processes produce refinery output (or inter-
mediate) grade products, without the need for the “refining” of
crude liquids. 1In order to compare direct liquids and shale
liquids with indirect process liquids, we must bring the former
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50% Boiling Point

EXHIB T 4-15

SYNTHETIC FUELS PRODUCTION COSTS

Degress F BEST AVATLARIR ESPTMATES. UPGRADED LIQUIDS
1000°
RAW L}QUIDS
0
8ao Shaze
UPGRADED
WHOLE LILUIDE
600°
] t
Direct
400° N \
200° \x
T Indirect ¢
4H
84.00 6.00 8.00 10.00 12.00 14.00 16.00
COST PFR MTLITON NTHS 3100
SOURCE :

E. J. Bentz & Associates, Springfield, Virginia

18.00
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into a state that is comparable. This requires the refining of
the synthetic liquids to finished fuels.

Refining of shale oils and coal liquids will wvary in cost
depending upon the size, location and degree of integration of
the refinery complex. We will assume that this is not done in an
existing refinery (perhaps modified to better handle these feed-
stocks) , but is performed at a new refinery integrated at the re-
tort or convergsion plant site. Such a refinery is under-scale
(50,000 bbl/day) and remote from chemical complexes that might make
better use of by-products and hence provide higher (by-product)
credits or other similar economic benefits.

The costs of upgrading the raw coal and shale liquids to high
grade (transportation) fuels is shown below:

REFINERY COSTS FOR SYNTHETIC (RAW) LIQUIDS
($1980)

Cost Per Barrel Cost Per Million BTU

Shale 0il

(Hydrotreat & Hydrocrack) $18.50 $3.19
Coal Ligquids
(Hydrotreat) $18.29 $4.02

The costs of refining synthetic liguids cannot truly be determined
without specifying the product slate produced. The costs of re-
fining a particular feedstock can vary depending upon the product
cuts sought. The basis used above is not strictly comparable be-
tween the processes. It tends to slant the refinery approach to
the type of slate that is favored by the feedstock - Light distil-
lates in the case of shale o0il, and gasolines and distillates in
the case of coal ligquids.

Exhibit 4-16 illustrates the potential variation.

These costs can be seen to vary dramatically if different
product slates.are sought. If the highest grade transportation
fuels are maximized, to provide the highest degree of comparability
with indirect liquids. The costs are as follows:

REFINERY SYNTHETIC UNITS TO 100% TRANSPORTATION FUEL

($ 1980) e
Shale Coal

$/BBL ™ §/MM BTU $/BBL~ S/MM BTU
Raw Liguid $48.20 & 8.31 $66.47  $ 9.79
Upgrading 18.50 N.A. 18.28 N.A.

Total $66.70 - $11.50 $84.75 _ $14.61

Average Heat Content)
BRL 5.8 Million BTU 5.8 Million BTU
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Feedstock

Coal Liquids*
Product

Slate
Cast

Shale Ligquids

Product Slate

Cost/BBL

*SRC-I1

EXHIBIT 4-16

PROCESS AND SLATE
(1980 %)

Hydrotreat & Hydrocrack

Moderate

Severe Hydrotreat Hyvdrotreat

Motor Gasoline

(100%9
$20.70

Hvdrotreat & Hvdrocrack

3/4 - 1/4

Motor Gasoline
Plus Jet Fuel

$18.50

SOURCE: E. J. Bentz & Associates

Motor Gasoline Plus Motor Gasoline Plus

" Jet Fuel #$2 Fuel 0il
(1/3 - 2/3) (1/3 - 2/3)
$18.29 $12.55
Hydrotreat-FCC ' Coking Hvdrotreat
(4/5 - 1/5)
Jdet Fuel Plus Motor Jet Fuel
Gasoline
$17.00 . $16.00
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By comparison, indirect liquid {(methanol to gasollne) costs are
about $78.00 per barrel; approx1mate1y in the middle of this range.
The cost per million BTU’s is lower for shale and coal liquids,
refined to a transportation slate consisting of gasoline and dis-
tillate fuels (jet fuel and diesel oil). If direct ligquids are
refined to a 100% gasoline slate the costs would increase to $§87.17
per barrel or above $19.00 per million BTU's

Exhibit 4-17 graphically displays the finished fuels in a
framework which relates. the product quallty to. the finished fuel
cost.

Exhibit 4-18 calculates the total cost of refining coal liquids.
A 50,000 barrel per day refinery for coal ligquids would cost between
$420 million and $690 million. The lower case.represents a moderate
hydrotreatment plant producing #2 fuel oil and 'gasoline, the upper
case represents a hydrotreatment and hydrocracking plant that pro-
duces 100% gasoline.

Instead of using other indirect measureg of product Value,:L8
we can use a cost based scale. The lighter fractions cost more to
produce from both coal and shale, whether by direct or indirect
means. By-product credits do not have to be assigned to determine
the cost of a single cut liquid. Upgrading plant has been assigned
to individual fractions so that the full cost 6f the beneficiated
product cut is known. The costs of fully refining the product are
developed incrementally by determining the cost of creating a 100%
gasoline yield, and two subsequently lower grade mixtures.

The alternate product slate refinery costs. of Exhibit 4-18
can be used to develop a measurement of the direct costs of pro-
ducts in a multi-product refinery run. The principal cost dif-
ferences result from the increased capital (per unit of product
vielded) and the increased consumption of hydrogen associated with
higher grade product slates.

If we take the per barrel cost of producing a 100% gasoline
slate. and assign it to the gasoline fraction of a mixed slate as
the appropriate cost of that portion of the output, the remain-
der of the total cost divided by the number of barrels of the other
product (jet fuel or #2 fuel oil) will give us the unit cost of
the “secondary product”.

Exhibit 4-19 shows this costing procedure for the slates pre-
sented for direct liquids refining in Exhibit 4-17.

By using this method, we are not artificially lowering the
cost of gasoline production by assuming a market equilibrium price

¥ product value ratios are commonly used. They are of absolutely
no meaning in a long-term and discontinuous supply context. The
use of guch ratios i1s a major violation of the most elementary
laws or principles of economics as a measure of utility.

4-32 , ejb&a
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EXHIBIT 4-17

50% Boiling Point SYNTUETIC FURIS FPRODUCTION COSI'S
Degrses F arem AVATI ARLE ONST FemyMATRA_ REFINED LTUUID FUELS
000° — '
800° RAY_LIUIDS
[ ] Shale
600°
[ ]
' i
. o
4,00° _ \glrect ~ REFINED FUKIA
\1\
o-Shal¢ oil
O Dire¢t iiquids
A Indifect liguids \
200° : —~— A .
. - : e . . . . Indiroct Q TG -
Maeth.
4. 0U @ ,uu o.UU 10.00 12.00 14.00 16.co
COST PER MILLION BTU(3 930) : 18.00

SOURCE: E. J. Bentz & Associates, Springfield, virginia
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$/BBL

Operating Labor
Maintenance
G&A

Fuel
Utilities
Cat. & Chem.
Hydrogen

Capital Recovery

Q@ 30%/Yr.

SOURCEr E. J. Bentz

EXHIBIT 4-18

DIRECT LIQUIDS (SRC-II) REFINING
(50,000 BBL/Day) 1980 $ per BBL.

Motor Gasoline

Motor Gasoline Plus Jet Fuel
(Hydrotreat - (severe

Plus Hvdrocrack) Hydrotreating)
.244 .183
.791 , . .669

.852 1.887 .670 1.522
.183 .304
.183 .122
.304 .365

5.540 6.210 5.750 6.541

12.603 10.228

$20.70 o $18.291

& Associates

Motor Gasoline
Plus #2 01l
{(Moderate
Hydrotreat)

.183
.487
.487 1.157

.122
.122
.244
3.230 3.718

7.67
"$12.545

DEQ 003022



ge-v

exqls

EXHIBIT 4-19

SRC II REFINED TO PRODUCT COSTS

Barrels/Dav Cost/BBL* Total Daily Cost
CASE =T Motor -Gasoline 50,000 Q $87.17 $4,358,500
Motor Gasoline 15,395 Q 87.17 1,341,982
CASE =T=x
Jet Fuel 34,605 @ (B3.69 *=* (2,896,018)**
Total 50,000 @ $84.76 $4,238,000
1 1
Motor Gasoline 16,995 e $87.17 ) $1,481,454
CASE IIT
#2 0i1 33,005 @ (74.74) ** (2,466,796) **
Total 50,000 @ $78.965 $3,948,250
Product Costs )
Motor Gasoline = $87.17/bbl (4.95) $17.61/M BTU
S Jet Fuel _ $83.69/bbl (5.67) $14.36/MM BTU
12 011 $74.74/bbl (5.825) $12.83/MM BTU
*Cost from 4-17 plus 4-9. **Values in parenthesis inferred from weighted

average value of motor gasoline and total product.
SOURCE: E. J. Bentz & Associates
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for a lower grade (by) product. The method used is entirely an
assignment of marginal cost to products. It would be more desir-
able to operate in a reverse manner, i.e., from the lowest product,
assigning incremental costs to the higher product on a marginal
basis. We, unfortunately, do not have a process estimate for a
gingle slate of the lowest value product. The, digtillation range

of all products is too broad to produce such an artificiality.
Therefore we have begun with the marginal gasoline cost and assigned
it as a by-product price to the lower value (mixed) slates, per-
mitting us to infer the marginal cost of the lower grade products.

The results of this cost analysis are related to the costs of
indirect liquefaction end products and shale products on Exhibit
4-20. The cost series increase as average distillation point is
lowered. The average distillation point of most useful transporta-
tion fuels lies between 180° - 400 F, with the majority of the com-
pounds contained lying within this range.

There is a persistence of the earlier noted relationship be-
tween product quality (as measured by average boiling point) and
production cogts of finished products. The relationship shows
less than unitary cost increases per barrel, all greater then uni-
tary cost increases per million BTU. The latter case is due to
‘the generally lower heating value of the premier fuels that have
increased hydrogen content. The increases in cost are about 7 1/2cents
per barrel of liquids for every degree farenheit that the boiling
range 1is lowered.

Exhibit 4-21 is a flow sheet of a process(examined by Chevron
Research) for hydrotreating and hydrocracking of direct coal liquid
(SRC-II) whole oil to produce 100% motor gasoline product. This
is the first case on Exhibit 4-16. Exhibits 4-22 and 4-23 illus-
trate the refining process used to upgrade the whole ligquid to °
gasoline and jet fuel by severe hydrotreating alone, and to a
lower quality slate of gasoline and heating oil created by less
severe hydrotreating of direct (SRC-II) liquids.

The latter case is more comparable to an upgrading process.

4.7 TRANSPORTATION AND OTHER INFRASTRUCTURE COSTS (Reference 41)

Although we have differentiated between coal liguid’s plant
site upgrading facilities and finished product refineries, we have
really not selected the site for refining. The upgrading must in
most cases be done at the site of the coal liquids plant. The
degree of upgrading we have embraced (Exhibit 4-15) is sufficient
to permit the fuels to be used in as high a use as a combustion
turbine, or transported without creating contamination or incom-
patible sediments.

Transportation costs are directly related to the distance in-
volved, and indirectly related to the quantity moved or flow rate.

4-36 ejb&a
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EXHIBIT 4-20

SYNTHETIC FUEL LIWUINSG

50/ BOILING POINT
(D_. RZES F)

L
1000°
8000 wm
] I %
T
oq[®

N\ <,

600 )

O-Jh- T T

\ D OH U
O-Dirctt Coul Lijuids \ el
Dnvinpgnol 2

, \ D . \:.
° Bizthfnol . s bine : | - -
ZQ? __T‘~,Lf' ‘l-fqajvf..;; . ; .;% CsaN e ———Aa LT I .
= )3 nid n . I3a N
U-Ueprfiod trenlgm InR20T LI julng
D-bistiilate :rofuct unlewtid
G-Guec)ine  roduft (refiacry gtu)
420,00 40.00 360.00 §40.00 $100.00
FRODUCT COST V'ER BARNSL ( 9o b)
SOURCE :

E. J. Bentz & Associates, Springfield, Virginia
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EXHIBIT 4-21: SCHEMATIC FLOW DIAGRAM
REFINING OF SRC-11 OIL BY
. HYDROTREATING AND HYDROCRACKING - CASE 1

"'" _— s s e T amet e e —Ees!quﬂlgﬂF—ue—l.'
l SRC-1 1Ok "'0" Hydrogen to ™
: Hvd drolreders
Refinery Gas H,S Recovery e i o] yplraﬂr?;e: _Hy
Heayy Naphita __]
Gas s —_
Sour Waler from HaS ! _! Sulfur Plant Sultur
Refining Units | waste Water | I )
Trealing Ammonia_
Recycled Water
. - To Hydrogen
to Refining Units s Gas Plant Hydrogen  Gas
, 2 .
) E Heavy i !
Whole SRC-11 01t | 1eer ';*fl‘:;a“’ || © | Nephtha Naphtha i Catalytic . Maotor Gasoline
| i Hydrotrealing Hydrolreating l Reforming
Rydrogen Hydrogen |
' E— Gas Heavy Gasoline

Hydrogen ‘

|
|
i
|
|
1
|
]
|
I
|
|

Refinery Fuel

# Sleam reforming feeding gas and anphtha in Cases 4A, 4B, and 4D.
Partial oxidation feedingSRC-1ioil in Case 4C.

SOURCE : Department of Energy
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EXHIBIT 4-22:

SCHEMATIC F10W DIAGRAM

REFINING of SRC-11 oIL BY
HIGH SEVERITY I{ YOROTREATING - CASETIT

SRC-H 00

JA
Wplesstgas0) -
Naphtha t z
i '9 = " - Hydrogen Hydf 0"33"“9
Refinery Gas HIS _— - Plante
Recovery
L _______ Gas to Refinery Fuel
G
Sour water as H,S
from »] SullurPlant |
Refining Units | Waste Water
l Treallng
! —L ! Light Naphtha
Recycled Water
{a Refining Unis To Hydrogen
plant  Gas  Hydrogen Motor Gasoline
i ' 1
Whols SRC-11 Ol | High Severity | % Heavy Naphiha » Catalytic K
Hydrolreating P Reforming
| SN
{tydrogen Karosene
To Hydrogen H
PR AT U | ?¥ana - i L

Lo o H Gas Qil Reflnery Fuel

o Steam reforming feeding gas and na(;hlha In Cases IR, 18, and 1D

Partial oxldation feeding gas oil and SRC-1 | oll In Case IC.

SOURCE :

Department of Energy
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EXHIBIT 4-23: SIMPLIFIED F10W DIAGRAM
REFINING OF SRC-{10IL BY

MODERATE SEVERITY HYDROTREATING - CASE T I I

ov

©8qcta

SRC-1t 0“ .
1 tydrogen lo
Naphlha
efinery bas 2 — _ _ Planl‘
Recovery 1 ~
. Gas L 3 o _ _ as lo_Rgﬂ{lery Fue!
Sour Waler HaS _—TT T -
from fas : +| sulfur Plant S“""’:
Refining Unils | Wasle Waler | )
I Trealing Ammonia
Recycled Water ! :
10 Refining Units . ‘°;'{"'°9‘*“ )
as ant Gas Hydrogen Motor Gasoline
Moderale Heavy |
Whole SRC-11 O} ggyppity R Naphlha Naphlha Catalytlc
" '] Hydrolrealing Hydrolrealing Reforming
|
Hydrogen Hydrogen
i —ycogen § _ ‘ No. 2 Furnace Ol}
L.-. .. . . Gas of and Refinery fuel

e " mm e

» Steam reforming feeding gas and naphtha In Cases 58, 5B, and SD.
Partlal oxidation feeding SRC-}ollin Case SC.

SOURCE : Department of Energy
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We cannot visualize any other form of transportation for these
upgraded liquids, or for further refined products except by pipe-
line. The daily volume required to support a 6&“or 8“pipeline
is approximately the size of one or two 50,000 bbl/day plants.
Considering the geographical concentration of coal and shale de-
posits it is not difficult to visualize a mining-conversion center
adequate to support either:

. An upgraded liquids pipeline to a refining center

or

. A product pipeline to major pipeline junctions or
product distribution terminals

The general location of all coal and shale resources is such
that deep draft water transportation does not figure prominently
in synfuels distribution patterns.

Without siting specific plants and conducting the refinery
trade-offs - which would have to be done in context with both the
balance of foreign and domestic petroleum supplies and the slate
of (regional) demand for all liquids - we cannot develop very
meaningful insights into either-the operating (product) costs of
transportation and distribution, or the capital requirements.

We will have to make some nominal assumptions and then estab-
lish unitary relationships. The future energy transportation pat-
terns and infrastructure requirements are impossible to determine
without a specific scenario. We shall briefly examine a *cases:

Pipelining from Souther Illinois to Houston of syncrudes.
Pipelining from Wyoming to St. Louis

Pipelining from Western Colorado to L.A. of shale oil.

Southern Illinocis to Houston

Raw Liguids
(upgraded) 33¢c/MM BTU

Western Colorado to L.A.
Shale Liquids 40$/MM BTU
Wyomina to St. Louils

Raw Liquids

m ! * ’ 30 $/MN! BTU
Methanol 68c/MM BTU
MTIG - Gasoline 378/MM BTU

The additional capital investment required for synthetic fuel
transportation is highly speculative to a greater degree. There

4-41 ejbé&a
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is a great deal of existing product and crude liguid pipeline as
well as gas pipeline in place, that can equally serve the synthe-
tic fuels industry. In all cases the pipelines are connected to
either markets or distribution terminals at the delivery end.

In most cases, the input end is originally either at a major re-
finery (and production) location or at a port location. The re-
finery connection argues for upgrading of liquids (coal and shale)
at mine mouth conversion plant locations, and transportation to
the existing refinery districts for product finishing. Such a
general pattern would involve the construction of a minimum num-
ber of new “crude” synfuel pipelines from coal fields to refining

districts.

We assume that the ultimate conditions would lead to the con-
struction of several large diameter pipelines in such a pattern.

Methanol, which does not require refining, obviously will move
in different patterns from coal field to the major terminals and

markets. :

Pipelines of that size (10-12") would cost an average of

$100,000 per mile, considering material, labor, and right of way
and other expenses. Terrain would influence the cost, generally

increasing construction costs but reducing right of way costs in
gome cases by an equivalent amount. 207 or greater diameter pipe-

lines would cost $250,000/mile.

A total construction budget of 50,000 miles of new pipeline
of 127 diameter to 207 diameter would cost between $5 billion and

$12 billion.

4-42 ejb&a
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4.8 ADDENDUM TO CHAPTER 4: BASIS FOR COST ASSUMPTIONS

1) Basic Conversion Plant (ESCOE)

eCapital Costs

Year: Mid (June-July) 1979 dollars

Scale: 25,000 tons of coal input

Base Plant to installed battery limits: 1.63
Contingency:  10% :

Scaling exponential rule: C, _ G
1
A =.65 for vessel size

A .9 with trains
Outlay of Capital: instantanecus plant

eRevisions to Capital Assumptions in Thisg Report

Year: Mid 1980 (June-July)

Scale: 50,000 bbl/day liquids output
Plant to Battery Limits: 1.73
Contingency: 20%

Scaling: Linear °

Outlay of Capital: Instantaneous plant

eOperating costs

Coal Feedstock: é§30/’r:,on (delivered)
Coal: Illinois #

Catalysts and Chemicals and Operating Supplies:
at cost for amounts proscribed by process
designer’s material balance.

eLabor Cost K Rate/Hr
Plant Operators 120 .8 10.00
Operating Supervisors 25 . 15.00
Maintenance Labor 150 ' 12.00
Maintenance Labor Supervisors 30 16. o 0
Administration , _30 11.
Total 355 e $11. 79/hr avy.

Fringes @ 35% --changed to 40% =total labor rate
of $16.50/hr

4-43
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Maintenance Cost (Materials & Contracts)

3% of total plant capital cost

G & A

Local taxes and insurance, 5% capital cost
changed to total G&A - 5% capital cost

Capital Charge Rate

ESCOE bagis not used. 30%of capital used as
recovery rate (as per guidance of OTA staff)

On-Stream Rate

90%--328.5 days/yvear

2. Assumptions for Product Upgrading

Capital

Basis --Instantaneous Plant, mid-1980- dollars
On-stream factor 90% 328.5 gstream days.

Hydrotreater

capitalized for each separate product stream.

Hydrogen Feedstock Plant Capital

Not included, only cost feedstock “across the
fence” from the plant complex.

Hydrogen Reformer or manufacturing plant capital
included

Battery Limits

Includes hydrotreaters, waste water ‘treatment,
sulphur plants (commercial grade)

Contingency .

General -- 25%

Battery Limits--15%

Engineer ---4% of investment capitalized

Working Capital--45 days receivables; 30 day
chemicals catalysts; 30 day feedstocks

ejb&a
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eOperating costs

Hydrogen Feedstock: Syngas @ $6.74/mmbtu

raw gas liquids @ $6=50/mmbtu
includes recovery of production
plant capital.

Hydrogen Pressure: 500 PSIG for SRC light (naptha)
product --2000 PSIG all other

cases.

Plant Size: 20,000 bbl/day upgraded to
50,000 bbl/day for each product
cut

* Rozalties'

500 PSIG Hydrotreating -o-

1500 PSIG Hydrotreating Fixed Bed $30/bst feed

Sulphur plant -0-

Waste Water
Initial project $75,000
First 5,000 units $14.70\unit
Next 5000-25,000 units 7.35/unit
Next 25,000 + units $5.25/unit

e Sales Tax
5% of equipment cost
e Maintenance
4% of depreciated capital/year

e Operating Labor

$11.00/hr

e Labor Burden .

45%

e Administrative and Support Labor

30% of operations and maintenance labor
e G & A

60% of operations and maintenance labor plus
property-tax of 2-1/2% of plant investment

4-45
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e Utilities

Fuel $4 /mmbut
Steam $3.50/1000 lbs
Electricity 4c/kwh

Water (make-up) 40c/1000 gal

e Hydrogen Bleed was assumed to be:

50 SCP/bbl @ 500 PSIG
100 SCP/bbl @ 2000 PSIG

e By-product Credits

Ammonia (anhydrous) £$100/ton
Hydrogen and Hydrocarbon off gasses (C;—CJ
$4/mmbtu (S1. 30/MSCF) :

Refining Cost Assumptions (Chevron Basis)

e 1980 costs: Instantaneous plant (first quarter
adjusted to June/July)

e Mid-Continent Location

e Cost correlations based on actual experience of
Standard 0il of California, 1960-1970s adjusted for:

Lower field productivity

Increased safety

Improved efficiency and reliability
Additional energy conservation
Stricter environmental regulations

e 10% Contingency

e Utilities

Water 30c/1000 gal
Boiler fuel, coal or refinery fuel

power 3$/kwh

e Maintenance

2-1/2%/yr of both on-plant and ©off- plant facility
investment

e G&A
Property taxes @ 21/2% of both on- plant and

off-plant/yr

e Labor

Operatlng—-sllo 000 per shift p051t10n/hr
($18.30/hr including fringes)
Support Labor (Administrative, security,
technician) 65% of Direct Labor

4-46 .
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Rev O
Startup/Shutdown Emission Minimization Plan
Medicine Bow Fuel & Power

40 CFR §60.11(d): At all times, including periods of startup, shutdown, and malfunction, owners and
operators shall, to the extent practicable, maintain and operate any affected fatility including
associated air pollution control equipment in @ manner consistent with good air pollution control
practice for minimizing emissions. Determination of whether acceptable operating and maintenance
procedures are being used will be based on information available to the Administrator which may
include, but is not limited to, monitoring results, opacity observations, review of operating and
maintenance procedures, and inspection of the source.

The goal of this Plan is to provide guidelines and suggestions for steps that will minimize air emissions
during startup and shutdown periods, in accordance with Clean Air Act permits and regulations,
including the provisions from 40 CFR 60 as cited above.

Specific startup and shutdown operating procedures for all process units in the Plant shall incorporate
the elements of this Plan to the greatest extent possible.

Flaring Associated with Startup — General Comments
e Commission all downstream equipment and prepare them for operation prlor to gasifier

startup. This will include preparation of the:
1. Low Temperature Gas Cleanup (LTGC),

Sour Water Stripper,

Acid Gas Removal (AGR),

Sulfur Recovery Unit (SRU} - Claus Plant,

CO, compression, and

6. Methanol synthesis loop.

e Preparation will include completion of commissioning activities and final signoff, establishment
of normal operating levels for fluids, preheating of required components, and start of circulating
pumps as necessary. '

vk wn

Flaring Associated with Startup — Activities Following Gasifier Startup
Once a gasifier is started up certain conditions must be met prior to introducing syngas to subsequent
stages. These conditions include:

¢ Gasifier .

o One gasifier will be started at a time at 50% design flow rate. Subsequent gasifiers will
not be started until the downstream equipment is ready to receive the increase in
syngas volume.

o After light off a leak check of gasifier piping and components is required.

A low pressure and normal operating pressure check are required.

o Raw syngas will be diverted to flare until after checks are complete. At this stage
pressure can be bled into downstream piping to equalize pressures and then the control
valve can be fully opened and placed in automatic control.

(o]
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DRAFT (Rev 0) 2
Startup/Shutdown Emission Minimization Plan
Medicine Bow Fuel & Power

The amount of syngas sent downstream will be determined by the startup and status of
downstream units.
Start-up flaring will be at a reduced rate due to a planned sIow ramp up of the plant.

Leak checks are required after pressurization, but not to delay input to the AGR system.
This stage includes several steam generators needed to ensure the syngas temperature
is in spec for downstream components. Failure to cool down the syngas can result in a
high temperature scenario requiring flare to avoid damage to downstream equipment
and catalysts.

The syngas temperature must be monitored as the system heats up to prevent a high
temperature trip. Temperature setpoints to be defined by AGR vendor and by catalyst
vendors for COS and Sour Shift catalysts.

e  Sour Water Stripper

o}

* AGR

o]

e}

The sour water unit will send low pressure sour gas to the Claus plant for conversion of
ammonia and H,S to Ny, H20, and SO,. Base case is to flare this stream during startup
until the SRU is started up, The SRU can start operations at approximately 20% design
conditions.

The AGR will be slowly ramped up at an estimated 10% of design éyngas flow per hour.
Syngas temperature must be maintained below AGR vendor specifications.

The clean high pressure syngas must be vented to flare until the total sulfur in the
syngas comes into the specification of less than 0.5 ppmv.

Start-up flaring will be at a reduced rate due to slow ramp up of plant.

e (Claus Plant

e}

o

When the acid gas reaches approximately 40% H,S content it can be sent from the AGR
to the SRU. Prior to this we will assume the acid gas is flared.
Start-up flaring will be at a reduced rate due to slow ramp up of plant.

¢ Methanol Synthesis

No syngas can be sent to the Methanol synthesis loop until sulfur’is in spec. Syngas

o
sulfur content must be less than 0.5 ppmv prior to sending to methanol synthesis,

o If CO, is out of spec (>2% vol) for several hours it will result in high water content in the
methanal which is not acceptable. N

o Syngas flow rate must be at least 50% of design flow rate prior to being sent to
methanol synthesis to prevent compressor surge. This rate will be reviewed and
verified during compressor design and surge protection design.

o After the Methanol step the effluents are prlmarily low sulfur fuel gases sent to the
power block and liquid methanol sent to storage or MTG, No further flaring events as
part of startup are expected. :
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DRAFT {Rev 0) , 3
Startup/Shutdown Emission Minimization Plan
Medicine Bow Fuel & Power

Venting Associated with Startup

e (O, Capture

o]

o}
o)

€O, produced from AGR wili need to be vented until sufficient flow is produced to start
the compressors. This flow rate is expected to be 25% of design flow rate assuming two
compressor trains and a 50% turndown capacity. This will requiré confirmation from
compressor vendor dufing FEED engineering.

Start-up venting will be at a reduced rate due to slow ramp up of plant.

If during startup export of CO, is not feasible then CO, will continue to be vented.

e Gasifier heaters

e}

Initially all five heaters will be online. Heaters will be started shortly after the refractory
is installed to cure the refractory. After refractory cure, the heaters will need to remain
in operation to prevent moisture accumulation; otherwise another multiday heater
dryout session will be required prior to startup.

Medicine Bow will attempt to startup as soon as possible after refractory cure is
complete to minimize heater operations. This is the basis of the turrent plan to
commission units from the end of the process to the beginning to ensure that as soon as
the gasifiers are commissioned, the plant will be ready to startupand receive syngas.
This plan is dependent on the construction and commissioning schedule and a situation
may develop where light off is delayed after cure is complete. The time of this delay will
determine if the heaters will remain on or be shutdown.

As each gasifier is prepared for startup the heaters will be turned off and removed.
After full startup is complete, only one heater will be in aperation on the spare gasifier.

*  MTG heaters .
o These heaters will be brought on line when the unit is prepared to receive methanol and

be operated per design.
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DRAFT (Rev 0) 4
Startup/Shutdown Emission Minimization Plan
Medicine Bow Fuel & Power

s Power block
o The ASUs, which are the major power {oad for the plant, will be started several days in

advance of the gasifier light-off to establish required temperatures in the cold box to
generate purified oxygen. Two turbines with heat recovery steam turbine power will be
required to start up both ASUs. If the steam turbine is not available, then all three gas
turbines at reduced load will be required to startup the ASUs,

o During plant startup most process units will begin to draw power in preparation for
gasifier light off. The main exceptions are the CO, Compressors, Methanol Synthesis
compressor, and MTG compressor units. All three gas turbines with heat recovery
steam power are required to support the plant as it is prepared for full start-up.

e Fugitive emissions
o Fugitive emissions will be at a reduced rate until Methanol and gasoline are synthesized

o Tank emissions will be at a reduced rate initially as storage tanks are filled.

e Aux boiler
o The boiler will be in operation during startup. At a minimum it will be turned down and
floated on the system if the heat recovery steam generators are able to support plant
steam requirements. [f more steam is required as defined in the FEED, then the qux
boiler may be operated at its maximum rate. After syngas is routed to methanol and the
startup steam loads are reduced and process steam is available, the auxiliary boiler can
be reduced to minimum.

¢ Flare pilots
o Pilots will be lit as part of preparation for gasifier light off.
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